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Because  the  methanol  steam-reforming  process  typically  utilizes  a catalyst  to 
promote  reaction,  contamination  in  fuel  feedstock  can  have  a detrimental  effect  on  the 
reforming  capability  of  a fuel  processor.  For  this  reason,  an  experimental  investigation 
w^as  conducted  in  an  attempt  to  quantify  and  model  the  effects  of  several  hydrocarbon 
contaminants  on  the  methanol  steam-reforming  process. 

An  experimental  methanol  steam-reforming  rig  was  designed  and  constructed  that 
consisted  of  an  integrated  system  of  pumps,  vaporizers,  and  a catalytic  reactor.  The 
reactor  assembly  was  equipped  with  axially  distributed,  individually  controlled 
electrically  resistive  heat  bands  that  provided  distributed  heat  for  the  endothermic  steam 
reforming  reaction,  and  allowed  for  near-isothermal  reactor  operation.  Components  were 
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sized  and  integrated  to  allow  for  a range  of  operating  conditions,  which  was  well  suited 
for  a parametric  study  of  the  methanol  steam-reforming  process. 

A plug  flow  reactor  model  was  developed  that  incorporated  chemical  equilibrium 
data,  basic  reactor  theory,  and  a compensation  factor  for  the  detrimental  effect  of  any 
possible  contaminants.  Application  of  this  model  allowed  for  the  comparison  of  data 
obtained  from  experimentation  using  contaminated  and  non-contaminated  methanol 
feedstock. 

Experimentation  was  conducted  at  atmospheric  pressure  and  in  a temperature 
range  of  250°C  to  300°C,  which  is  typical  for  the  methanol  steam-reforming  process.  In 
addition  to  the  reaction  temperature,  space  velocity,  the  contaminant  species,  and  the 
concentration  of  the  contaminant  in  the  feedstock  fuel  were  independent  variables 
evaluated  over  the  course  of  experimentation.  Three  different  contaminants  were  used, 
including  a lightweight  mineral  oil,  isooctane,  and  kerosene. 

Results  showed  that  very  small  quantities  (less  than  0.1%  by  weight)  of  mineral 
oil  present  in  the  feedstock  methanol  caused  immediate  and  irreparable  damage  to  the 
conversion  catalyst.  Kerosene  in  quantities  of  less  than  0.5%  by  weight  also  resulted  in 
degradation  of  the  conversion  catalyst,  although  the  level  of  degradation  was 
considerably  lower  and  occurred  over  a greater  time  scale  than  in  the  mineral  oil  case. 
Experimentation  conducted  using  the  feedstock  contaminated  with  isooctane  in  quantities 
up  to  1.0%  by  weight  resulted  in  no  noticeable  decrease  in  fuel  processor  performance,  at 
least  for  the  exposure  time  (~50  hours)  considered  during  this  research. 
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CHAPTER  1 
INTRODUCTION 


The  reforming  of  hydrocarbon  feedstock  is  the  primary  method  of  hydrogen 
production  in  the  world  today  [1],  One  of  the  purposes  of  producing  hydrogen  is  for  use 
as  an  energy  carrier,  as  there  are  a number  of  benefits  associated  with  using  hydrogen  in 
that  capacity.  These  benefits  include  virtually  unlimited  availability  (hydrogen  is  the  most 
abundant  element  in  the  known  universe),  minimal  environmental  impact  upon  usage 
(water  is  the  only  chemical  product  of  a pure  hydrogen-oxygen  reaction),  and  a wide 
range  of  applications.  Chemical  energy  released  by  the  reaction  of  hydrogen  and  an 
oxidizer  can  be  converted  to  mechanical  or  electrical  energy  by  a number  of  energy 
conversion  devices,  including  the  internal  combustion  engine  and  the  fuel  cell. 

Perhaps  the  most  promising  application  of  hydrogen  as  a fuel  is  for  use  in  fuel 
cells.  A fuel  cell  is  an  electrochemical  device  that  converts  the  chemical  energy  of  a fuel 
and  oxidant  directly  to  electrical  energy.  A fuel  cell  is  very  much  like  a battery,  except 
that  so  long  as  fuel  and  oxidant  are  supplied,  the  device  will  continue  to  produce 
electrical  power.  This  characteristic  is  in  contrast  with  a traditional  battery,  which  must 
either  be  recharged  or  replaced  when  the  available  chemical  energy  is  consumed.  Fuel 
cells  are  very  efficient  relative  to  conventional  heat  engines,  with  theoretical  efficiency 
near  80%,  and  a practical  efficiency  of  around  60%.  This  is  over  twice  the  efficiency  of 
most  internal  combustion  engines. 
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A typical  fuel  cell  operates  by  consuming  hydrogen  at  the  anode  electrode  and 
oxygen  at  the  cathode  electrode.  A hydrogen  molecule  is  stripped  of  its  electrons  at  the 
anode  electrode, 

H2^2H^2e-  (1.1) 

which  travel  through  an  external  circuit,  providing  an  electric  current.  The  hydrogen  ions 
(H^)  travel  through  an  electrolyte,  which  separates  the  anode  and  cathode  electrodes  of 
the  fuel  cell.  At  the  cathode,  the  hydrogen  ions,  electrons,  and  oxygen  moleeules  react  to 
form  water: 

'/2O2  + 2H"  + 2e' ->  H2O.  (1.2) 

Therefore,  the  overall  ideal  reaction  for  a typical  fuel  cell  is: 

H2  + ‘/2O2  ^ H2O.  (1.3) 

While  the  oxygen  needed  to  operate  a fuel  cell  may  be  taken  from  ambient  air,  a source 
of  hydrogen  compatible  with  fuel  cell  requirements  must  be  supplied  from  a stored  fuel, 
and  is  therefore  more  difficult  to  obtain. 

Unbound  molecular  hydrogen,  for  all  intents  and  purposes,  is  not  found  in  the 
terrestrial  environment,  but  must  be  produced  from  basic  energy  sources  [1].  Hydrogen  is 
present  in  a wide  range  of  basic  materials,  including  water,  hydrocarbon  fuels,  organic 
matter,  and  some  minerals.  In  general,  energy  must  be  supplied  to  release  hydrogen  from 
any  of  these  substances.  For  example,  electrolysis  of  water  is  a very  simple  proeess, 
which  uses  electricity  to  dissociate  water  into  hydrogen  and  oxygen.  While  this  process  is 
widely  known  and  well  developed,  reformation  of  hydrocarbon  feedstock  is  ultimately  a 
more  economical  method  to  produee  hydrogen,  especially  in  large  quantity  [2]. 
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Hydrocarbon  fuels  contain  hydrogen  and  carbon  atoms  in  varying  ratios,  ranging 
from  four  hydrogen  atoms  for  every  one  carbon  atom  (4:1)  in  methane,  to  about  0.8:1  in 
coal  [2],  Most  of  the  world’s  current  supply  of  hydrogen  is  produced  by  the  reformation 
of  natural  gas,  which  is  primarily  methane.  Reformation  of  natural  gas  is  achieved  using  a 
catalyst  to  promote  the  reaction  of  methane  and  steam,  which  ultimately  produces  a 
hydrogen  rich  gas,  or  reformate.  Many  other  hydrocarbon  fuels  such  as  gasoline, 
methanol,  and  ethanol  can  also  be  reformed  into  a hydrogen  rich  gas,  some  more  easily 
than  others.  Continued  research  into  the  use  of  hydroearbon  feedstock  as  a source  of 
hydrogen  fuel  is  important,  because  in  order  to  make  hydrogen  a viable  energy  carrier 
alternative  for  some  applieations  (including  the  fuel  cell),  improvement  of  production 
processes  are  required.  Ultimately,  the  production  of  hydrogen  for  use  as  a fuel  requires 
advances  that  will  allow  the  production  and  storage  of  hydrogen  to  be  safe,  efficient,  and 
cost  effective. 

The  production  of  hydrogen  via  steam  reforming  of  hydrocarbons  is  well 
developed  and  is  conducted  at  large  production  facilities  on  a grand  scale.  However, 
many  believe  that  small-scale  production  methods  must  be  improved,  so  that  hydrogen 
can  be  produced  local  to  its  respective  application.  This  reasoning  is  due  primarily  to  the 
difficulties  and  costs  associated  with  the  storage  and  distribution  of  hydrogen.  If 
hydrogen  is  produeed  at  large  scale  produetion  facilities  it  must  be  stored  in  some  manner 
and  subsequently  transported  to  the  eonsumer.  While  hydrogen  has  an  extremely  high 
specific  energy  (based  on  mass),  under  almost  all  conditions  the  energy  density  of 
hydrogen  (based  on  volume)  is  remarkably  low  compared  to  liquid  hydrocarbon  fuels.  As 
a result,  storage  of  hydrogen  as  a fuel  generally  involves  either  extreme  compression  or 
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cryogenic  temperatures  (liquefaction)  to  raise  the  energy  density  of  the  stored  hydrogen. 
As  might  be  expected,  these  processes  greatly  increase  the  cost  of  the  fuel  on  a unit 
energy  basis.  In  addition,  a completely  new  infrastructure  of  storage  and  distribution 
facilities  would  be  required  to  distribute  hydrogen  fuel  on  a large  scale,  further  increasing 
the  cost  of  the  fuel  to  the  consumer.  For  these  reasons,  there  is  general  consensus  that,  at 
least  in  the  near  future,  there  must  be  a small-scale  method  of  hydrogen  production  that 
utilizes  a liquid-hydrocarbon  as  the  primary  fuel  (at  least  for  transportation  applications), 
that  at  the  same  time  does  not  negate  the  potential  benefits  of  using  hydrogen  as  an 
energy  carrier. 

One  design  (in  part)  for  a fuel  cell  power  plant  utilizes  a small  (relative  to 
traditional  production  facilities)  fuel  reforming  system  to  produce  reformate,  which  can 
then  be  used  in  a fuel  cell.  Such  a design  for  a fuel  cell  “engine”  allows  for  the  use  of  a 
more  conventional  fuel  feedstock  such  as  gasoline,  ethanol,  or  methanol  as  the  primary 
energy  carrier.  This  procedure  virtually  eliminates  the  problem  of  storing  hydrogen  in 
large  quantities,  and  would  simplify  storage  requirements  for  an  integrated  fuel  cell 
system.  In  addition,  the  use  of  a liquid  hydrocarbon  fuel  might  be  accommodated  by  the 
existing  fuel  distribution  infrastructure. 

Many  hydrocarbon  fuels  could  be  used  as  a feedstock  in  a fuel  reforming  system 
to  produce  hydrogen.  Based  on  availability,  some  choices  might  include  gasoline 
(although  it  might  require  reformulation),  ethanol,  methane,  or  methanol.  While 
availability  is  clearly  a major  consideration  when  choosing  a fuel  feedstock,  additional 
considerations  including  the  conservation  of  natural  resources,  the  ability  to  produce  a 
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fuel  domestically  without  dependence  on  foreign  nations  for  supply,  and  the  cost  of 
production  are  also  relevant. 

Methanol  can  be  produced  from  a wide  range  of  base  material,  including  coal, 
natural  gas,  or  plant  cellulose  (biomass).  Since  it  can  be  based  on  a renewable  resource, 
methanol  supply  is  not  bound  by  natural  resource  reserves.  The  cost  of  methanol  could  be 
competitive  with  current  fossil  fuels  [3],  and  since  methanol  is  a liquid  at  atmospheric 
conditions,  existing  fuel  distribution  and  storage  infrastructure  could  possibly  be  used  or 
modified  to  distribute  methanol  to  the  consumer.  In  addition,  methanol  is  the  simplest  of 
hydrocarbons  to  reform  into  hydrogen  gas.  For  these  reasons,  methanol  is  considered  a 
possible  fuel  source  for  use  in  fuel  cell  power  plants. 

If  methanol  is  to  be  used  on  a large  scale,  standards  will  undoubtedly  be  adopted 
to  control  the  quality  of  the  methanol  produced  with  respect  to  purity,  or  the 
concentration  of  specific  contaminants.  This  is  especially  important  for  use  in  fuel  cells, 
as  certain  types  of  contaminants  can  cause  irreparable  damage  to  some  fuel  cell 
components.  Until  recently,  the  purity  of  feedstock  fuel  for  use  in  fuel  cell  systems  has 
received  little  attention  from  the  research  community.  For  the  most  part,  fuel  cell  and  fuel 
processor  research  and  development  efforts  have  been  conducted  using  highly  purified 
forms  ot  fuel  feedstock.  For  instance,  while  a good  deal  of  work  has  been  done  studying 
the  methanol  steam-reforming  process,  it  appears  that  without  exception  the  work  has 
used  chemical  grade  methanol,  which  is  greater  than  99%  pure  methanol.  While  this  is 
common  practice  in  experimental  settings,  it  is  impractical  to  assume  that  the  use  of 
chemical  grade  methanol  on  a wide  scale  would  be  economically  feasible.  Since  the  cost 
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of  production  of  methanol  is  directly  related  to  its  purity,  the  necessity  of  determining  the 
level  of  purity  required  for  use  in  specific  applications  is  apparent. 

There  are  several  sources  of  contamination  that  could  affect  the  purity  of 
methanol  available  for  public  consumption.  For  instance,  in  an  effort  to  reduce  the  cost  of 
production  from  some  types  of  feedstock,  small  quantities  of  impurities  could  simply  not 
be  removed  from  the  methanol  due  to  lack  of  refinement  or  the  use  of  specific  production 
processes.  For  example.  Air  Products  and  Chemicals,  Inc.,  in  conjunction  with  the 
Department  of  Energy,  has  spent  nearly  ten  years  developing  a methanol  production 
process  which  uses  domestic  coal  as  a feedstock  to  synthesize  methanol  [4].  Although  the 
process  is  cost  effective,  and  uses  a resource  that  is  plentiful  in  the  United  States,  it 
results  in  methanol  that  is  not  as  pure  as  chemical  grade  methanol.  Another  source  of 
contamination  of  methanol  could  be  the  unavoidable  mixing  of  different  fuels  during 
transport  from  the  production  facility.  It  is  a virtual  certainty  that  methanol  distributed  on 
a large  scale  would  share  at  least  some  common  infrastructure  such  as  tankers,  pipelines, 
or  pumps  with  other  fuels  such  as  gasoline  or  diesel  fuel.  This  fact  would  result  in  small 
quantities  of  the  “contaminanf’  fuels  being  present  in  the  methanol. 

The  current  level  of  understanding  as  to  the  effect  that  possible  contaminants 
might  have  on  the  steam  reforming  process  is  limited.  For  that  reason,  an  investigation 
has  been  conducted  in  an  attempt  to  quantify  and  model  the  effects  of  several 
hydrocarbon  impurities  on  the  methanol  steam-reforming  process.  There  were  several 
objectives  of  this  research,  including  the  following: 
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1)  Develop  an  analytical  tool  (model)  that  can  be  used  to  relate  the  size,  operating 
conditions,  and  conversion  level  requirements  for  a methanol  steam-reforming 
system  reactor. 

2)  Design  and  construct  an  experimental  rig  that  allows  for  a parametric  study  of 
the  methanol  steam-reforming  process. 

3)  Collect  experimental  data  that  can  be  used  in  conjunction  with  the  analytical 
model  to  develop  semi-empirical  formulations  that  will  predict  the  effect  of 
specific  hydrocarbon  contaminants  on  the  methanol  steam-reforming  process. 

4)  Relate  experimental  data  and  modeling  results  specifically  to  aspects  of 
methanol  steam-reformer  use  in  a fuel  cell  system. 

For  the  most  part,  these  objectives  were  successfully  achieved.  A reactor  model 
assuming  plug  flow  behavior  was  developed  that  can  be  used  as  a tool  to  predict  the 
conversion  potential  of  a methanol  steam-reforming  reactor.  While  certain  aspects  of  the 
model  are  specific  to  the  methanol-steam  process,  a methodology  has  been  developed 
that  could  be  applied  to  other  similar  processes.  An  experimental  rig  was  designed  and 
constructed  to  conduct  parametric  studies  of  the  methanol  steam-reforming  process. 
Computer  controlled  resistive  heating  elements  were  used  to  provide  heat  for  the 
endothermic  steam  reforming  reaction,  and  allowed  for  isothermal  reactor  operation. 
Components  were  sized  and  integrated  to  allow  for  a range  of  operating  conditions 
conducive  to  the  parametric  nature  of  the  study.  Several  different  methanol  contaminants 
have  been  evaluated,  including  a lightweight  mineral  oil,  isooctane,  and  kerosene.  Data 
obtained  during  experimentation  was  used  in  conjunction  with  the  reactor  model  to 
develop  tools  capable  of  predicting,  to  some  extent,  the  effect  of  specific  hydrocarbon 
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contaminants  on  the  methanol  steam-reforming  process.  Finally,  results  obtained  during 
data  analysis  and  modeling  were  applied  in  the  context  of  use  in  a fuel  cell  engine.  This 
includes  conclusions  as  to  the  ultimate  role  impurities  in  methanol  might  have  on  a 
methanol  steam-reforming  system  designed  for  use  in  fuel  cell  applications. 


CHAPTER  2 
LITERATURE  REVIEW 


The  use  of  hydrogen  as  an  energy  carrier  for  devices  such  as  the  fuel  cell  has 
recently  seen  an  increased  interest  by  industry,  including  applications  in  the 
transportation  sector.  There  are  several  factors  that  must  be  considered  when  using 
hydrogen  as  a fuel  for  such  applications,  including  the  method  of  production,  the  storage 
of  the  fuel,  and  its  distribution  to  the  consumer.  Because  of  complications  associated  with 
these  considerations,  small-scale,  localized  fuel  reforming  systems  are  considered  one 
potential  option  for  supplying  hydrogen  for  use  in  a fuel  cell  vehicle.  The  following 
chapter  gives  a general  discussion  of  the  use  of  hydrogen  as  a fuel,  as  well  as  elaborating 
on  the  concept  of  using  a small-scale  fuel  processor  for  an  application  such  as  the  fuel 
cell. 


Hydrogen  as  a Fuel 

Hydrogen  is  in  many  respects  an  ideal  source  for  converting  chemical  energy  into 
electrical  or  mechanical  energy.  In  general,  the  chemical  reaction  of  hydrogen  with  air  is 
extremely  simple  and  efficient.  Hydrogen  is  very  easily  oxidized  in  air  over  a wide  range 
of  flammability  limits,  as  shown  in  Table  2-1,  which  makes  it  an  ideal  fuel  source  for 
applications  that  utilize  combustion.  Hydrogen  can  also  be  utilized  in  an  electrochemical 
engine  such  as  a fuel  cell.  In  addition  to  being  highly  reactive,  the  reaction  of  pure 
hydrogen  and  oxygen  results  in  no  pollutant  emmisions,  as  water  is  the  only  chemical 
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product.  Finally,  hydrogen  is  the  most  abundant  element  in  the  universe,  so  there  is  a 
virtually  unlimited  supply. 


Table  2-1:  Flamma 

3ility  Limits  of  Various  Fuels 

Fuel 

Range  of  Flammability 
(percent  by  volume  in  air) 

Hydrogen 

4 to  75 

Methane 

5 to  15 

Gasoline 

1.3  to  7.1 

Methanol 

6.7  to  13.6 

Source:  [5] 


Production  of  Hydrogen 

There  are  two  primary  alternatives  for  the  production  of  hydrogen,  namely, 
electrolysis  of  water  and  reformation  of  hydrocarbon  fuels.  The  electrolytic 
decomposition  of  water  is  simple,  reliable,  clean,  and  produces  a highly  refined  source  of 
pure  hydrogen.  However,  only  a small  percentage  (less  than  5%)  of  current  production 
uses  this  method  because  of  the  relatively  high  cost  of  electrical  energy  required  for 
electrolysis  [2].  The  cost  of  chemical  energy,  usually  in  the  form  of  natural  gas,  is 
considerably  lower.  Only  in  cases  where  a source  of  excess  capacity  hydroelectric,  wind 
energy,  or  solar  electric  power  can  be  utilized  does  it  become  economically  competitive 
to  produce  hydrogen  by  electrolysis  of  water.  These  factors  contribute  to  the  reasoning 
that,  at  least  in  the  immediate  future,  a majority  of  hydrogen  production  will  occur  using 
some  type  of  fuel  reforming  process. 

Until  the  mid-1930’s  virtually  all  hydrogen  was  made  from  coal  using  a 
gasification  process.  At  the  time,  the  principal  use  of  hydrogen  was  the  synthesis  of 
methanol  for  use  in  formaldehyde  and  ethylene  glycol  (anti-freeze).  The  increase  in 
availability  of  natural  gas  in  the  1940’s  resulted  in  the  replacement  of  coal  as  the  primary 
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production  feedstock.  During  this  period,  the  demand  for  hydrogen  increased 
dramatically,  as  synthesis  of  ammonia  (which  requires  hydrogen)  for  use  in  fertilizer 
developed  into  a prosperous  industry.  Since  World  War  II,  there  has  been  an  almost 
exponential  increase  in  the  use  of  refined  fossil  fuels,  which  has  also  resulted  in  a sharp 
increase  in  the  use  of  hydrogen  in  industrial  processes.  This  is  because  hydrogen  is  used 
extensively  in  refinery  operations  such  as  hydrotreating  (the  removal  of  sulfur  from 
fuels),  hydrocracking  (conversion  of  heavy  fuels  into  lighter  fuels),  as  well  as 
hydrodealkylation  (selective  hydrogenation  of  aromatic  compounds)  [2]. 

Storage  of  Hydrogen 

The  complication  of  using  hydrogen  as  a fuel  revolves  around  the  ability  to 
efficiently  store  hydrogen  gas.  This  is  primarily  due  to  the  fact  that  hydrogen  has  a very 
low  energy  density  at  atmospheric  conditions.  Even  at  several  hundred  atmospheres, 
hydrogen  gas  contains  only  a small  fraction  of  the  energy  present  in  the  same  volume  of  a 
fuel  such  as  gasoline.  Table  2-2  shows  the  energy  density  for  several  hydrocarbon  fuels 
as  well  as  hydrogen.  As  shown  in  the  table,  liquid  hydrogen  has  roughly  one-half  the 
energy  density  of  methanol,  and  less  than  one-third  that  of  gasoline.  The  low  energy 
density  associated  with  hydrogen  gas  creates  significant  design  challenges  when  there  is 
limited  space  available  for  storage  of  fuel.  This  is  particularly  evident  in  mobile 
applications,  since  any  fuel  reservoir  must  be  necessarily  transportable. 

Hydrogen  for  Use  in  Fuel  Cell  Systems 

It  is  apparent  that  pure  hydrogen  is  in  many  ways  an  ideal  fuel.  However,  it  is  also 
evident  that  there  are  several  complications  with  using  hydrogen  as  a fuel,  especially  for 
use  in  a mobile  fuel  cell  system.  Small-scale  fuel  processors  that  utilize  a liquid 
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hydrocarbon  feedstock  to  produce  a hydrogen-rich  gas  eliminate  some  of  these  problems 
(which  are  associated  with  the  storage  of  hydrogen  ),  but  create  a new  set  of  problems 
with  respect  to  use  in  a fuel  cell  system.  Since  several  fuel  cell  system  components 
(including  some  fuel  reformers  and  all  fuel  cells)  use  a catalyst  to  promote  chemical 
reactions,  impurities  present  in  either  the  primary  fuel  feedstock  or  reformate  can  result  in 
temporary  and/or  permanent  damage  to  various  fuel  cell  system  components.  For  this 
reason,  the  level  of  purity  required  of  both  the  feedstock  and  reformate  must  be  detailed 
for  specific  applications. 


Table  2-2:  Energy  Densities  of  Various  Fuels 


Fuel 

Energy  Density 
(MJ/liter,  based  on  LHV) 

Gasoline 

32.3 

Methanol 

15.9 

Liquid  Hydrogen  (-253°C) 

8.4 

Hydrogen  Gas  (SOOOpsia) 

5.9 

Methane  Gas  (2400psia) 

5.5 

Hydrogen  Gas  (2400psia) 

1.8 

Source:  [6] 


Fuel  cell  contaminants 

The  concentration  of  specific  contaminants  that  are  allowable  in  a fuel  designed 
for  use  in  a fuel  cell  are  determined  partly  by  the  type  of  fuel  cell  under  consideration. 

For  example,  carbon  dioxide  (CO2)  only  acts  as  a contaminant  in  the  case  of  a fuel  cell 
that  utilizes  an  alkaline  electrolyte.  Therefore,  air  cannot  be  used  as  an  oxidizer  in  this 
type  of  fuel  cell  without  cleanup,  and  the  hydrogen  fuel  must  be  extremely  pure  (<10ppm 
CO2)  [7].  Due  to  this  restriction,  alkaline  fuel  cell  applications  are  limited  and  are 
currently  only  considered  practical  for  use  on  space  missions,  where  an  abundant  supply 
of  pure  hydrogen  and  oxygen  are  stored  as  fuel. 
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While  CO2  is  a contaminant  in  limited  cases,  sulfur  acts  as  a poison  to  many  types 
of  catalyst,  including  those  present  in  most  fuel  cells.  For  this  reason,  sulfur  and  sulfur 
containing  compounds  must  usually  be  removed  from  a fuel  to  be  used  in  a fuel  cell,  and 
in  the  case  of  transportation  applications,  sulfur  removal  is  required. 

Carbon  monoxide  contamination.  Phosphoric  Acid  (PAFC)  and  Proton  Exchange 
Membrane  (PEMFC)  Fuel  Cells  are  susceptible  to  damage  by  several  specie,  including 
carbon  monoxide  (CO).  The  catalyst  used  in  each  of  these  types  of  fuel  cell  has  a high 
affinity  for  CO,  and  can  become  poisoned  if  CO  concentrations  are  above  a certain  level. 
In  the  case  of  the  PAFC,  quantities  of  greater  than  about  1 .0-2.0%  CO  by  volume  at  the 
anode  electrode  can  result  in  a loss  of  cell  performance  [8].  Compared  to  the  PAFC,  the 
PEMFC  is  much  more  susceptible  to  damage  by  CO  poisoning.  Carbon  monoxide  levels 
as  low  as  1 OOppm  have  been  shown  to  have  an  adverse  effect  on  PEMFC  performance 
[9].  In  one  study,  a 0.3%  concentration  of  CO  in  reformate  used  in  a PEMFC  was  shown 
to  reduce  output  power  by  48%  at  nominal  operating  conditions  [10]. 

Solid  carbon  contamination.  Deposition  of  carbon  in  the  form  of  soot  on  a 
catalytic  surface  can  impede  the  effectiveness  of  the  catalyst.  Small  particles  of  solid 
carbon  can  effectively  obstruct  the  porous  network  within  the  catalyst,  greatly  reducing 
the  available  area  for  reaction  to  take  place.  The  appearance  of  carbon  can  result  from  the 
decomposition  of  CO,  methane  (CH4),  or  the  reaction  of  CO2  or  CO  with  H2.  Studies 
have  shown  that  carbon  formation  can  be  avoided  through  the  use  of  a water-rich  reaction 
scheme  in  the  fuel  processor.  That  is,  excess  water  in  any  of  the  steam  reforming 
processes  tends  to  inhibit  the  formation  of  solid  carbon  [11]. 
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Higher  hydrocarbons,  alcohol  contamination.  Higher  molecular  weight 
hydrocarbons  and  alcohols  have  been  shown  to  have  a detrimental  effect  on  some  fuel 
cells.  Due  to  membrane  damage,  methanol  has  been  shown  to  result  in  an  irreversible 
power  loss  in  a PEMFC  in  concentrations  over  SOOOppm,  and  a partial,  reversible  loss  in 
concentrations  of  greater  than  250ppm  [12].  This  observation  indicates  the  necessity  of 
near  complete  conversion  when  using  a fuel  reforming  system  in  conjunction  with  a fuel 
cell. 

Fuel  processor  contaminants 

In  general,  fuel  processors  are  not  as  susceptible  to  damage  by  contaminant 
species  as  fuel  cells.  This  is  due  to  several  factors,  including  the  types  of  catalyst  used, 
the  particular  reactions  that  are  occurring,  and  the  temperature  at  which  these  reactions 
occur.  However,  there  are  still  many  possible  contaminant  specie  that  can  have  a 
detrimental  effect  on  the  reforming  capability  of  a fuel  processing  system. 

Like  the  fuel  cell,  even  small  (5ppm)  quantities  of  sulfur  can  diminish  the  utility 
of  some  fuel  processing  catalysts,  including  steam  reforming  catalysts  [13].  Therefore, 
any  feedstock  fuel  used  in  a catalytic  fuel  processor  must  be  essentially  free  of  sulfur  and 
sulfur  containing  compounds.  Soot  can  also  have  a detrimental  effect  on  catalyst  activity, 
for  the  same  reasons  associated  with  the  fuel  cell.  Soot  formation  is  not  generally 
considered  a problem  for  methanol  steam-reforming,  as  the  relatively  low  temperatures 
and  water-rich  stoichiometry  inhibits  soot  formation  [11], 

Higher  hydrocarbons  and  alcohols  have  been  shown  to  reduce  conversion  activity 
in  low  temperature  reforming  systems,  such  as  those  used  for  methanol  steam-reforming. 
Gasoline  has  been  shown  to  decrease  catalyst  activity  in  this  case  as  a result  of  cracking 
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and  coking  reactions  [14],  One  study  has  shown  a significant  decrease  in  reformer 
catalyst  activity  when  comparing  pure  methanol  with  methanol  contaminated  by  small 
quantities  (<1000ppm)  of  ethanol  and  isobutanol  [15].  Studies  have  also  shown  that  the 
effects  of  these  contaminant  specie  diminish  as  the  reaction  temperature  is  increased 
[14,16,17],  This  can  be  attributed  to  the  increased  probability  that  all  reactants  will  be  in 
the  gas  phase,  as  well  as  the  significant  temperature  dependence  of  the  decomposition 
reaction  for  the  species  in  question. 

Summary 

Independent  of  the  application,  current  supplies  of  hydrogen  are  almost 
exclusively  dependent  on  the  reformation  of  hydrocarbon  fuels.  All  of  these  processes 
utilize  the  reaction  of  a primary  fuel  with  steam  and/or  oxygen  to  produce  a 
hydrogen-rich  gas.  While  using  a catalyst  in  a fuel  reforming  system  is  not  required, 
many  fuel  processors  being  considered  for  use  in  a fuel  cell  system  (including  methanol 
steam-reforming)  require  a catalytic  reactor.  The  susceptibility  of  catalysts  to  damage  by 
contaminant  species  indicates  the  need  for  an  understanding  of  the  possible  effect(s)  of 
specific  contaminants  on  specific  processes  and/or  catalysts. 

Catalytic  Processes 

Several  steps  during  the  produetion  of  hydrogen  may  require  the  presence  of  a 
catalyst,  including  the  dissociation  of  the  feedstock  hydrocarbon,  as  well  as  the 
conversion  of  unwanted  product  specie  such  as  carbon  monoxide.  Figure  2-1  shows  a 
process  diagram  for  hydrogen  gas  production  typical  at  an  industrial  size  proeessing 
facility.  As  can  be  seen  from  the  diagram,  there  are  no  less  than  seven  separate  catalytic 
processes  used  to  convert  natural  gas  into  nearly  pure  hydrogen.  For  this  reason,  it  is 
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Figure  2-1:  Process  Diagram  for  Hydrogen  Gas  Production 
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impractical  to  discuss  fuel  processing  without  some  basic  understanding  of  how  a catalyst 
functions,  as  well  as  important  factors  to  consider  during  the  design  and  operation  of  a 
catalytic  reactor. 

Catalyst  Fundamentals 

A catalyst  is  a material  that  enhances  the  rate  and  selectivity  of  a chemical 
reaction.  One  important  characteristic  of  a catalyst  is  that  it  is  not  consumed  as  the 
reaction  proceeds,  it  merely  facilitates  the  reaetion  of  other  specie.  Catalysts  are  typically 
highly  porous  solids,  consisting  of  a ceramic  or  metal  substrate  that  has  been  eatalyzed 
with  some  other  substance,  typically  a transition  metal  [18].  Traditional  catalysts  are 
typically  in  pellet  form,  ranging  in  size  from  1/8”  to  1/2”  in  diameter.  Other  geometries, 
such  as  rings  or  spheres,  are  also  used.  Due  to  its  highly  porous  strueture,  a majority  of 
the  aetive  surface  area  of  a eatalyst  is  internal  surfaee  area.  That  is,  the  walls  of  the 
microseopie  passages  throughout  the  eatalyst  make  up  a vast  majority  of  the  active 
catalytic  surface  area.  To  put  this  in  perspective,  eonsider  that  a typieal  low-temperature 
water-gas  shift  eatalyst  has  an  active  surface  area  of  between  20-40  square  meters  per 
gram  of  catalyst  [18,19].  Considering  that  only  one  to  two  pellets  make  up  a gram,  it  is 
elear  that  the  “visible”  surfaee  area  of  the  pellet  is  only  a very  small  portion  of  the  aetive 
surfaee  area. 

While  the  ehemistry  of  how  a catalyst  works  is  extensive  and  beyond  the  scope  of 
this  report,  its  utility  can  be  deseribed  by  a decrease  in  the  aetivation  energy  for  a given 
reaction.  By  examining  the  Arrhenius  rate  expression. 


rate  oc  expl-E  / RT) 


(2.1) 
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one  can  conclude  that  a catalytic  reaction  could  proceed  at  a greatly  increased  rate, 
compared  to  the  non-catalytic  case,  depending  on  the  influence  of  the  catalyst  on  the 
activation  energy  (£)  for  the  specific  reaction  in  question.  It  is  important  to  note  that 
catalysts  can  be,  and  in  most  cases  are,  very  selective  as  to  which  reactions  they  will 
affect  in  the  manner  described.  Because  of  this,  the  proper  use  of  catalysts  will  allow,  to 
some  extent,  the  ability  to  tailor  the  products  expected  for  a given  set  of  reactants. 

The  catalytic  process  can  be  described  as  a seven-step  process,  involving  both 
physical  and  chemical  steps.  These  steps  are  described  below  and  are  illustrated  in  Figure 
2-2. 


flow 


porous  network 


catalytic  surface 


catalyst  pellet 


Figure  2-2:  Catalytic  Process  Schematic 
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1)  Film  mass  transfer  of  the  reactant  A;  i.e.  bulk  diffusion  through  the  stagnant  gas 
film  or  boundary  layer  surrounding  the  catalyst  particle  to  the  external  catalyst 
surface 

2)  Diffusion  of  species  A through  the  porous  network  of  the  catalyst  to  the  internal 
catalytic  surface 

3)  Adsorption  of  A onto  the  catalyst  surface 

4)  Reaction  of  A to  B on  catalytic  sites  on  the  catalytic  surface 

5)  Desorption  of  the  product  B from  the  surface 

6)  Diffusion  of  species  B through  the  porous  network  to  the  pore  mouth 

7)  Film  mass  transfer  of  product  B;  i.e.  the  reverse  of  process  1 

For  a catalytic  reaction,  the  overall  reaction  will  be  rate  limited  by  one,  or 
possibly  several,  of  the  steps  described  above.  The  rate  determining  step  (or  steps)  of  a 
catalytic  reaction  depend  upon  the  reaction  conditions.  Steps  1,  2,  6 and  7 are  diffusion 
processes,  which  have  small  dependencies  on  temperature.  On  the  other  hand,  steps  3,  4 
and  5 are  chemical  processes,  which  are  highly  dependent  on  the  temperature  of  the 
reaction.  This  indicates  that  at  higher  temperatures,  the  diffusion  processes  will  be  the 
rate  limiting  factors  in  the  overall  reaction,  while  at  lower  temperatures,  the  chemical 
processes  will  most  influence  the  rate  of  reaction  [18]. 

Catalyst  Deactivation 

While  part  of  the  definition  of  a catalyst  states  that  the  catalyst  is  not  consumed  in 
the  reaction,  the  gradual  deactivation  of  catalysts  is  inevitable.  The  rate  at  which  this 
deactivation  occurs  is  of  critical  importance  in  order  to  properly  design  and  predict  the 
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performance  of  catalytic  reactors.  There  are  a number  of  mechanisms  that  can  result  in 
catalyst  deactivation,  including  poisoning,  fouling,  and  sintering. 

Poisoning.  Poisoning  is  the  chemisorption  of  impurities  on  sites  otherwise 
available  for  catalysis  [18].  Poisoning  specie  typically  affect  a permanent  change  in  the 
catalyst  structure,  resulting  in  a permanent  degradation  of  the  catalyst.  Some  examples  of 
poisons  for  catalysts  used  in  hydrogen  production  include  compounds  of  sulfur, 
phosphorus,  and  arsenic.  Due  to  its  susceptibility  to  being  poisoned  by  sulfur,  fuels  used 
in  fuel  processing  or  fuel  cell  applications  must  have  very  low  levels  of  sulfur-containing 
compounds. 

Fouling.  Fouling  is  the  mechanical  deposition  of  species  from  the  fluid  phase  onto 
the  catalyst  surface,  which  results  in  a loss  of  activity  due  to  blockage  of  catalytic  sites 
and/or  pores.  Fouling  can  occur  when  hydrocarbons  in  the  reactant  stream  settle  on  the 
catalytic  surface.  Soot  can  also  act  as  a fouling  agent,  as  the  solid  carbon  particles  tend  to 
obstruct  the  microscopic  pores  of  the  catalyst.  Unlike  poisoning,  fouling  is  typically  a 
reversible  process,  so  long  as  the  fouling  agent  can  be  removed  from  the  surface  without 
resulting  in  damage  to  the  catalyst. 

Sintering.  Sintering  describes  a change  in  the  structure  of  the  catalyst  due  to 
thermal  stresses  imposed  on  the  catalytic  substrate.  High  thermal  gradients  result  in 
stress,  which  breaks  down  the  crystalline  structure  of  the  catalyst,  reducing  its  effective 
surface  area.  Sintering  can  result  from  overheating,  heating  too  quickly,  or  heating 
unevenly.  As  might  be  expected,  sintering  results  in  permanent  degradation,  as  the 
physical  structure  of  the  catalyst  has  been  altered.  Due  to  the  possibility  of  sintering, 
catalyst  beds  are  typically  heated  to  operating  temperature  very  slowly  (less  than  50°C 
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per  hour)  [20],  In  addition,  thermal  cycling  can  have  a detrimental  effect  on  a catalyst. 
Therefore,  it  is  common  practice  to  maintain  a catalyst  bed  at  on  near  operating 
temperature  even  during  periods  of  non-operation. 

Catalyst  Reduction 

Many  catalysts  must  be  chemically  transformed  by  reduction  in  order  to  achieve 
an  active  catalytic  state.  In  the  case  of  a typical  low-temperature  water-gas  shift  catalyst, 
this  procedure  converts  the  stable  copper  oxide  component  of  the  new,  unreduced 
catalyst,  into  reactive  copper  metal.  This  process  is  typically  done  using  a controlled 
mixture  of  hydrogen  and  nitrogen  according  to  the  reaction 

CuO  + H2  ^ Cu  + H2O.  (2.2) 

During  the  reduction  process,  nitrogen  is  inert  and  only  acts  to  control  the  concentration 
of  hydrogen  in  the  reduction  mixture.  Zinc  oxide  and  alumina  portions  of  the  catalyst  are 
left  unchanged  and  act  as  a suppon  that  stabilizes  the  copper  metal  and  acts  as  a reservoir 
for  poisons  [21]. 

Reduction  of  the  catalyst  is  required  only  once,  so  long  as  the  catalyst  bed  is 
maintained  in  a non-oxidizing  environment,  such  as  CO2,  when  not  in  use.  The 
introduction  of  air  to  a reduced  catalyst  will  oxidize  the  catalyst,  significantly 
diminishing  its  effectiveness.  There  is  currently  considerable  effort  being  made  to 
develop  catalysts  that  do  not  require  reduction  and  therefore  do  not  oxidize  when  exposed 
to  air  [22]. 
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Hydrocarbon  Fuel  Reforming 

Steam  Reforming 

Steam  reforming  is  the  controlled  reaction  of  a hydrocarbon  fuel  and  water  to 
produce  a hydrogen-rich  gas.  The  steam  reforming  process  was  first  developed  in  the 
1920’s  to  produce  synthetic  gas  or  “syngas”,  which  is  a hydrogen-rich  mixture  of 
hydrogen  and  carbon  monoxide  [2],  Any  number  of  hydrocarbon  fuels  can  be  used  in  the 
steam  reforming  process,  including  methane,  ethanol,  and  methanol.  Table  2-3  shows  the 
ideal  stoichiometric  steam  reforming  reactions  for  each  of  these  fuels. 


Table  2-3:  Steam  Reforming  Reactions  for  Various  Fuels 


Type  of  Fuel 

Ideal  Reaction 

Reaction 

Temperature  (°C) 

^V(kJ) 

Methane 

CH4  + 2H2O  ^ 4H2  + CO2 

700  - 800 

165.0 

Methanol 

CH3OH  + H2O  ->  3H2  + CO2 

200  - 300 

49.0 

Ethanol 

C2H5OH  + 3H2O  — > 6H2  + 2CO2 

700  - 800 

172.9 

Source:  [23] 


In  this  table,  AH°rp  is  the  enthalpy  of  combustion  at  298K  and  1 atm  for  the 
reaction  in  question.  In  each  case  note  that  there  is  a net  gain  in  enthalpy  from  the 
reactants  to  the  products,  indicating  that  the  steam  reforming  process  is  endothermic.  For 
this  reason,  a steam-reforming  reactor  must  have  some  external  heat  source  to  maintain 
the  reaction  temperature.  Typically  a steam  reforming  system  utilizes  separate  fuel  and 
air  sources,  which  are  burned  to  provide  heat  for  maintaining  the  reaction  temperature.  In 
most  cases  a portion  of  the  reformer  feedstock  fuel  is  used  for  this  purpose.  Depending  on 
the  application,  during  steady-state  operation  a portion  of  reformate  can  be  circulated  and 
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burned  in  place  of  the  feedstock  fuel.  In  any  case,  heat  addition  to  the  reactor  catalyst  bed 
is  external  in  nature. 

The  primary  disadvantage  of  using  a steam  reforming  system  is  that  it  is  an 
inherently  slow  responding  system.  This  is  especially  true  for  some  applications,  such  as 
automotive,  where  there  could  be  significant  changes  in  hydrogen  demand  over  a very 
short  period  of  time.  A good  deal  of  research  has  been  conducted  that  addresses  this 
problem,  focusing  on  the  physical  mechanisms  that  seem  to  control  overall  response.  Ohl, 
Stein,  and  Smith  [24]  concluded  that  operation  temperature  and  convective  heat  transfer 
in  the  reactor  are  the  most  important  factors  affecting  steam  reformer  response 
characteristics.  However,  this  work  was  based  strictly  on  theoretical  modeling  of  relevant 
reactor  design  parameters.  Other  researchers  have  concluded  through  experimental 
research  that  the  overall  response  of  the  system  can  be  coupled  with  components  other 
than  the  reactor  itself  [25].  In  the  particular  design  used  for  their  research,  vaporizer 
response  to  changes  in  feedstock  flow  rate  was  noted  to  be  particularly  significant. 

In  addition  to  dynamic  response,  start-up  time  can  be  considerable  in  steam 
reforming  systems.  This  can  be  attributed  to  the  relatively  large  mass  of  the  catalyst  bed, 
as  well  as  the  external  heating  methodology.  Work  published  by  General  Motors  has 
reported  startup  times  as  low  as  eleven  minutes  [26],  while  Epyx  Corporation  has 
reported  startup  times  of  approximately  ten  minutes  [27].  In  each  case  the  fuel  reformer 
was  intended  for  use  in  an  automotive  fuel  cell  power  plant. 

Partial  Oxidation  Reforming 

Partial  oxidation  reforming  (POX)  is  the  controlled  reaction  of  a hydrocarbon  fuel 
and  oxygen  (or  air)  at  high  equivalence  ratios  to  produce  a hydrogen-rich  gas.  In  general. 


24 


a catalyst  is  not  used  to  facilitate  the  partial  oxidation  reaction.  However,  for  fuel  cell 
applications,  a catalyst  is  usually  required  as  part  of  a larger  system  in  order  to  remove 
certain  contaminants  from  reformate  before  it  is  utilized  in  the  fuel  cell.  As  with  steam 
reforming,  a number  of  fuels  can  be  used  in  a partial  oxidation  system.  Table  2-4  lists 
ideal  partial  oxidation  reforming  reactions  for  methane,  methanol,  and  ethanol. 


Table  2-4:  Partial  Oxidation  Reforming  Reactions  for  Various  Fuels 


Type  of  Fuel 

Ideal  Reaction 

Reaction 
T emperature(°C) 

^V(kJ) 

Methane 

CH4  + 02^  2H2  + CO2 

1000-1500 

-318.7 

Methanol 

CH3OH  + ‘/2O2  ^ 2H2  + CO2 

1000-1500 

-192.9 

Ethanol 

C2H5OH  + 1 ‘/2O2  3H2  + 2CO2 

1000-1500 

-552.6 

Source:  [23] 


In  contrast  to  steam  reforming,  there  is  a net  loss  in  enthalpy  from  the  reactants  to 
the  products,  which  indicates  that  partial  oxidation  reforming  is  an  exothermic  process. 
Therefore,  no  external  heat  input  is  required  to  maintain  the  reaction  temperature,  which 
is  considerably  higher  than  in  the  corresponding  steam  reforming  reaction.  Because  a 
portion  of  the  feedstock  is  oxidized  in  the  reduction  process,  partial  oxidation  reforming 
results  in  lower  hydrogen  yield  (hydrogen  output  per  unit  fuel)  than  steam  reforming.  In 
addition,  the  additional  cleanup  of  reformate  necessary  for  many  fuel  cell  applications 
increases  system  cost  and  complexity.  However,  the  transient  response  of  a partial 
oxidation  reformer  is  significantly  faster  than  a steam  reforming  system.  Lack  of  an 
externally  heated  catalyst  bed,  as  well  as  internal  heating  of  the  reactant  flow,  allow  for 
greatly  reduced  response  and  startup  times  compared  to  the  steam  reforming  case. 
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Autothermal  Reforming 

Autothermal  reforming  (ATR)  is  a “hybrid”  of  steam  reforming  and  partial 
oxidation  reforming  processes.  As  with  steam  reforming,  autothermal  reforming  utilizes  a 
catalyst  to  promote  conversion  of  the  feedstock  fuel.  However,  as  with  partial  oxidation 
reforming,  a portion  of  the  feedstock  is  burned  to  provide  the  heat  required  for  adequate 
reaction  temperatures.  The  design  of  the  autothermal  reformer  is  essentially  the  same  as 
the  partial  oxidation  reformer  except  that  a catalyst  is  present  in  the  conversion  zone  of 
the  reactor,  and  steam  is  typically  used  to  promote  the  conversion  of  unwanted  species  as 
well  as  control  reaction  temperature.  Because  of  the  catalyst,  the  autothermal  reformer 
can  operate  effectively  between  700°C  and  800°C.  This  temperature  is  high  enough  to 
allow  for  adequate  feedstock  conversion  rates,  but  it  is  also  low  enough  to  prevent 
damage  to  the  catalyst  from  overheating.  Autothermal  reformers  combine  some  of  the 
most  desirable  aspects  of  other  types  of  fuel  reforming,  including  increased  efficiency 
compared  to  partial  oxidation  reforming  and  reduced  transient  response  time  compared  to 
steam  reforming. 

Selection  of  Fuel 

Virtually  any  hydrocarbon  fuel  can  be  reformed  into  a hydrogen-rich  gas. 
However,  there  are  only  a few  fuels  that  are  currently  being  considered  in  industry  as 
candidates  for  use  in  small-scale  fuel  reformers  for  transportation  applications.  These 
fuels  include  methane,  gasoline,  ethanol,  and  methanol  [28]. 

Methane.  Methane  from  natural  gas  is  the  feedstock  for  a majority  of  the 
hydrogen  produced  in  the  world  today.  This  fact  is  purely  a matter  of  economics,  as 
hydrogen  can  be  produced  from  natural  gas  at  less  cost  than  from  any  other  primary  fuel 


26 


source  [2],  However,  this  is  only  the  case  because,  at  present,  hydrogen  production  is 
exclusive  to  large  production  facilities  that  operate  on  a nearly  continuous  basis.  For  use 
in  fuel  cells,  hydrogen  production  from  methane  may  not  be  practical.  The  energy  density 
of  methane  can  pose  an  onboard  storage  problem  when  considered  for  transportation 
applications,  since  carrying  a significant  amount  of  onboard  energy  in  a reasonable  space 
cannot  be  achieved  using  methane  unless  it  is  liquefied  or  highly  compressed.  Due  to  the 
existing  natural  gas  infrastructure,  it  is  possible  that  methane  could  be  used  to  produce 
hydrogen  for  use  in  a fuel  cell  as  a stationary  power  plant  in  a home  or  business. 

Ethanol.  Ethanol  (grain  alcohol)  can  be  produced  from  a range  of  replenishable 
base  material,  including  corn,  wheat,  and  other  grains.  It  has  a relatively  high  energy 
density  at  atmospheric  conditions  and  can  be  easily  stored  and  transported.  However, 
there  are  several  problems  associated  with  producing  reformate  from  ethanol.  Relatively 
high  reforming  temperatures  can  result  in  poor  conversion  efficiency  for  fuel  cell 
applications,  primarily  due  to  the  cleanup  that  is  required  before  reformate  can  be  used  in 
a fuel  cell.  High  methane  yields  as  well  as  carbon  formation  can  also  lead  to 
complications  in  using  reformate  from  ethanol  for  fuel  cell  applications  [29]. 

Gasoline.  The  primary  reason  for  considering  gasoline  as  a hydrogen  production 
source  is  its  universal  availability.  This  is  especially  true  for  the  transportation  sector,  as 
it  is  setup  almost  exclusively  for  gasoline.  While  the  benefits  of  using  gasoline  as  a 
primary  energy  source  are  apparent,  there  are  several  limitations  associated  with  gasoline, 
especially  in  applications  that  utilize  a catalytic  reactor.  Typical  gasoline  is  made  up  of  a 
blend  of  hydrocarbon  fuels  as  well  as  chemical  additives.  At  present,  the  effect  that  many 
of  these  compounds  might  have  on  a particular  catalyst  is  uncertain.  Therefore, 
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consideration  of  catalyst  poisoning  and  degradation  becomes  increasingly  important 
when  using  gasoline  as  a primary  fuel  source.  In  addition,  the  temperatures  required  for 
reforming  gasoline  could  result  in  system  efficiency  penalties  for  a fuel  cell  applications 
due  to  thermal  management  and  reformate  contamination  issues  [30]. 

Methanol.  Also  known  as  wood  alcohol,  methanol  can  be  produced  from  coal, 
natural  gas,  and  other  types  of  feedstock.  Hydrogen  can  be  produced  from  methanol  by 
either  steam  reforming  or  partial  oxidation,  although  steam  reforming  is  advantageous 
because  of  a higher  conversion  efficiency.  Methanol  has  a high  energy  density  compared 
to  compressed  gases,  and  can  be  easily  stored  and  transported.  Methanol  steam-reforming 
reactors  are  an  attractive  option  for  use  in  fuel  cells  because  of  the  relatively  low  levels  of 
contamination  (including  carbon  monoxide)  present  in  reformate,  as  well  as  the  relatively 
low  reaction  temperature  required  for  operation. 

Summary 

Hydrogen  is  in  many  respects  an  ideal  fuel.  It  can  he  used  as  a fuel  for 
combustion  in  an  internal  combustion  engine,  although  its  most  promising  application  is 
perhaps  the  fuel  cell  electrochemical  engine.  In  the  latter  case,  hydrogen  can  be  supplied 
by  stored  molecular  hydrogen,  or  by  a fuel  processor  that  reforms  a more  common 
hydrocarbon  fuel  such  as  methanol  or  gasoline  into  a hydrogen-rich  gas.  While  using 
stored  hydrogen  would  simplify  the  design  of  the  overall  fuel  cell  system,  difficulties  in 
distribution,  as  well  as  the  cost  of  the  fuel,  make  a near-term  hydrogen  fuel  infrastructure 
unlikely.  Therefore,  there  is  considerable  effort  to  develop  fuel-processing  systems  that 
are  compatible  with  fuel  cell  applications,  including  those  for  use  in  the  transportation 
sector.  Several  conceptual  designs  have  been  considered,  including  steam  reforming. 
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autothermal,  and  partial  oxidation  systems.  While  not  required,  a catalyst  can  be  used  to 
promote  the  reforming  reaction,  as  is  the  case  in  steam  reforming.  The  use  of  a catalyst 
can  be  beneficial  in  enhancing  specific  reforming  reactions;  however,  the  use  of  a catalyst 
also  requires  special  considerations,  including  the  deactivation  of  the  catalyst  by 
contaminants  in  the  fuel  feedstock.  The  purpose  of  this  research  was  to  develop  a better 
understanding  of  how  contaminants  affect  the  steam  reforming  process,  as  well  as 
catalogue  the  effect  of  some  specific  contaminants  on  the  methanol  steam-reforming 
process. 


CHAPTER  3 

THEORETICAL  CONSIDERATIONS  AND  MODEL  DEVELOPMENT 


Because  of  complications  associated  with  the  storage  and  distribution  of  hydrogen 
as  a fuel,  small-scale,  localized  fuel  reforming  systems  are  considered  one  potential 
option  for  supplying  hydrogen  for  use  in  a fuel  cell  vehicle.  Since  this  is  the  case,  the 
development  of  analytical  tools  that  can  be  used  to  predict  fuel  reformer  performance  are 
needed  to  facilitate  the  design  process.  In  accordance  with  the  objectives  of  this  research 
that  were  outlined  in  Chapter  1 , this  chapter  develops  modeling  tools  that  can  be  used  to 
evaluate  the  hydrogen  production  process  in  a typical  fuel  reforming  system.  Some  of  this 
analysis  is  specific  to  the  methanol  steam-reforming  process,  such  as  a chemical 
equilibrium  solution  for  the  reaction  model  presented.  However,  other  analysis,  such  as  a 
plug  flow  model  for  a packed-bed  reactor,  is  relatively  general  in  nature  and  could  be 
applied  to  several  different  reforming  systems. 

Methanol  Steam-Reforming  Model 

Steam  reforming  of  methanol  is  typically  executed  over  a CuO/ZnO  on  alumina 
substrate  type  catalyst  (low-temperature  shift  catalyst)  in  a packed  bed  reactor.  The 
overall  reaction  is  endothermic,  so  heat  must  be  supplied  to  maintain  the  reaction 
temperature.  Ideally,  carbon  dioxide  and  hydrogen  are  the  only  products  of  the 
methanol-steam  reaction.  However,  when  considering  non-ideal  product  specie,  one  must 
also  consider  CO,  CH4,  and  solid  carbon,  as  well  as  unreacted  CH3OH  and  H2O  as 
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possible  products  of  the  reaction  [11,28,31]-  The  presence  of  solid  carbon  in  the  reaction 
products  can  be  virtually  eliminated  by  using  a water-rich  reactant  stoichiometry,  as 
excess  water  effectively  prevents  the  formation  of  carbon  by  inhibiting  mechanisms  such 
as  the  dissociation  of  CO.  The  practice  of  using  excess  water  in  a range  of  1 .3  to  1 .5 
water  molecules  for  every  carbon  atom  in  the  feedstock  fuel  is  common  in  fuel  reforming 
schemes  in  order  to  reduce  carbon  formation  [12,19,32], 

Reaction  Kinetics 

Several  studies  have  shown  that  there  is  an  insignificant  quantity  of  methane 
produced  during  the  methanol  steam-reforming  process  over  a typical  low-temperature 
shift  catalyst  [19,33,34],  By  eliminating  methane  and  solid  carbon  as  possible  products, 
the  overall  reaction  may  be  modeled  as 

A CH3OH  + B H2O  ^ a CO2  + bCO  + cH2  + d H2O  + e CH3OH.  (3.1) 
The  reaction  represented  in  equation  3.1  has  generally  been  accepted  as  appropriate  for 
steam  reforming  of  methanol  over  a low  temperature  water-gas  shift  catalyst,  at  operating 
conditions  of  200°C  to  300°C,  near  atmospheric  pressure,  and  water-rich  stoichiometry 
[19,33,34,35], 

One  method  of  modeling  the  methanol  steam-reforming  process  is  by  using  a 
two-equation  reaction  scheme  [31,35],  One  reaction  in  the  process  is  the  decomposition 
of  methanol 

CH3OH  ^ CO  + 2H2,  (3.2) 

the  other  is  the  water-gas  shift  reaction. 


CO  + H2O  ^ CO2  + H2. 


(3.3) 
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In  the  scheme  represented  here,  the  decomposition  of  methanol  (eqn.  3.2)  is  considered 
the  rate-limiting  step  in  the  overall  reaction.  Studies  have  shown  that  under  typical 
methanol  steam-reforming  conditions  the  water-gas  shift  reaction  proceeds  at  a rate  that 
is  at  least  an  order  of  magnitude  greater  than  the  decomposition  reaction  [35]. 

Chemical  Equilibrium  Solution 

The  stoichiometric  model  for  the  steam  reforming  of  methanol  utilized  for  this 
research  is  represented  by  equation  3.1.  The  following  section  develops  the  solution  for 
the  various  reaction  product  coefficients  at  chemical  equilibrium  utilizing  a material 
balance  approach  and  the  free  energy  of  the  product  species.  The  solution  to  this  problem 
is  an  important  one  when  investigating  the  steam  reforming  process,  because  of  the 
predictive  value  of  equilibrium  concentrations. 

Theoretical  analysis  indicates  that  at  near  atmospheric  pressure  and  typical  steam 
reforming  temperatures,  methanol  will  reach  nearly  100%  (>99.98%)  conversion  at 
equilibrium.  Since  this  is  the  case,  at  equilibrium,  the  coefficient  e in  equation  3.1  will  be 
very  close  to  zero.  However,  if  the  reaction  has  insufficient  time  to  fully  reach 
equilibrium  and  therefore  fully  convert  the  methanol  feedstock,  there  will  be  some 
amount  of  unreacted  methanol  in  the  reaction  products.  Therefore,  for  the  purposes  of 
this  research,  the  assumption  was  made  that  during  the  methanol  steam-reforming 
process,  the  specie  included  in  the  water-gas  shift  reaction  (eqn.  3.3)  achieve  equilibrium 
very  rapidly.  In  other  words,  as  soon  as  some  portion  of  methanol  is  decomposed,  the 
products  of  that  process,  namely  CO2,  CO,  H2  and  H2O,  are  assumed  to  be  in  equilibrium. 
By  making  this  assumption,  the  stoichiometric  coefficients  of  the  product  specie  in 
equation  3.1  at  equilibrium  can  be  determined  by  specifying  three  input  parameters. 
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including  the  reaction  temperature,  the  reactant  ratio  of  water  to  carbon  atoms  (H20:C 
ratio),  and  the  fractional  conversion  of  methanol.  In  addition,  it  allows  for  the  product 
species  in  equilibrium  to  be  determined  using  a single  stoichiometric  equation,  namely 
the  water-gas  shift  reaction  (eqn  3.1). 

In  order  to  determine  the  chemical  equilibrium  of  the  water-gas  shift  reaction 
product  specie,  the  equilibrium  constant  {Kwgs)  for  the  reaction  can  be  utilized.  This 
value  can  be  determined  using  the  change  in  the  Gibbs  function  for  the  given  reaction. 
Figure  3-1  shows  the  change  in  the  Gibbs  function,  AG,  for  the  water-gas  shift  reaction 
(eqn.  3.3)  over  a range  of  temperatures  at  atmospheric  pressure.  Using  a second  order 
polynomial  curve  fit  for  the  temperature  range  indicated  (300-800K), 

AGwgs  = -0.0083  r'  + 47.075T  - 41953  (3.4) 

where  the  unit  of  AG  is  joules,  and  the  temperature  is  in  Kelvin.  The  equilibrium  constant 
can  be  written  as 


^was  ^ exp 


-AG 


was 


(3.5) 


where  91  is  the  universal  gas  constant,  and  Kwgs  (in  this  case)  is  unitless.  The  values 
calculated  for  Kwgs  using  equation  3.5  are  shown  in  Figure  3-2,  along  with  values 
published  by  Amphlett  et  al.  [11].  Note  that  there  is  very  close  agreement  between  the 
two  values.  Investigation  of  Figure  3-2  reveals  that  as  temperature  increases,  equilibrium 
shifts  from  the  right  side  to  the  left  side  of  equation  3.3.  This  indicates  that  at  higher 
temperatures,  the  concentration  of  CO  and  Fl20  will  be  higher  at  chemical  equilibrium. 


Kwgs  AG  (kJ) 
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Figure  3-1 : Change  in  Gibbs  Function  for  Water-Gas  Shift  Reaction 
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Figure  3-2;  Equilibrium  Constant  for  Water-Gas  Shift  Reaction 
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By  assuming  an  ideal  equilibrium  solution  using  a thermally  perfect  gas,  the 
equilibrium  constant  can  be  written  as 


K 


IVGS  ~ 


(3.6) 


for  this  particular  reaction  since  each  species  has  a stoichiometric  coefficient  of  one  (1) 
according  to  equation  3.3.  The  quantity  y in  equation  3.6  is  the  molar  fraction  of  each 
species  in  the  equilibrium  composition.  Combining  equation  3.6  with  the  stoichiometric 
notation  used  in  equation  3.1,  the  equilibrium  constant  becomes. 


^ivas  — 


c-a  c-a 


h-d  n ^ b-d 


(3.7) 


where  rip  is  the  total  number  of  moles  in  the  products. 

In  order  to  solve  for  each  stoichiometric  coefficient,  a molar  balance  approach  can 
be  utilized.  Recalling  that  the  conversion  of  methanol  is  an  independent  variable  for  this 
model,  the  coefficient  e in  equation  3.1  can  be  written  in  terms  of  the  reactant  moles  of 
methanol.  A,  and  the  fractional  conversion  of  methanol,  Xm'. 


e = A-X^A.  (3.8) 

The  balance  of  carbon  yields  an  expression  for  a, 

A = a + b + e 

a = A-b-e  = X^A-b  . (3.9) 

The  quantity  d can  be  solved  for  utilizing  an  oxygen  balance, 

A B — 2.CI  b d -h  6 


d = A + B-2a-b-e  = B + b-  X A . 


(3.10) 


Finally,  c can  be  solved  for  using  a balance  of  hydrogen. 
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AA  + 2B  = 2c  + 2d  + Ae 


2c  = AA  + 2B-2d-4e  = 6X,,A-2b 


c=3X^A-b. 

Plugging  equations  3.9,  3.10,  and  3.1 1 into  equation  3.7,  one  obtains 

,,  {3X^A-blX^A-h) 
(blBAb-X,A)  ■ 


(3.11) 


(3.12) 


After  some  algebra,  the  quantity  b (stoichiometric  coefficient  for  CO)  can  be  written  in 
quadratic  form  in  terms  of  Xm,  Kwgs,  A and  B\ 


^ = b (l  - + b{Xf^^A  ■ - B ■ - 4Xj^^A)+3Xj^^~A~.  (3.13) 

This  equation  can  be  solved  for  b,  with  the  non-negative  root  being  the  only  reasonable 

solution.  Having  a solution  for  b,  the  solutions  for  a,  d and  c at  equilibrium  come  from 

equations  3.9,  3.10  and  3.1 1 respectively. 

In  order  to  determine  the  mole  fraction  (y)  of  each  of  the  product  species,  the 

stoichiometric  coefficient  must  be  divided  by  the  molar  sum  of  the  products  {rip).  That  is, 

abed  e 

TcO;  ~ Xco  ~ - ^yCH^OH  ~ • (3-14) 

«p 

The  molar  sum  of  the  products  can  be  written  as 

=a  + b + c + d + e = X^A-b  + b + 3X^A-b  + B + b-X^A  + A-X^A 


n^=2X„A  + A + B . (3.15) 

The  mole  fraction  of  each  product  species  calculated  in  equation  3.14  are  shown 
in  Figures  3-3  through  3-12  as  a function  of  temperature,  fractional  conversion  level,  and 
H20:C  ratio.  For  each  product  species  there  are  a pair  associated  figures.  The  first  figure 
in  each  case  shows  the  effect  of  temperature  on  mole  fraction  of  a given  species  for  a 
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constant  H20:C  ratio  of  1.5:1.  Temperatures  shown  are  in  the  range  typically  associated 
with  the  methanol  steam-reforming  process.  The  second  figure  shows  results  for  different 
values  of  H20:C  ratio  at  a constant  temperature  of  260°C.  In  each  case  a water-rich 
stoichiometry  was  used,  as  this  is  standard  practice  for  fuel  cell  applications.  In  all  cases 
a fractional  methanol  conversion  range  of  0.8  to  1 is  shown.  Lower  conversion  levels  are 
not  shown,  as  low  feedstock  conversion  for  fuel  cell  applications  is  impractical. 

Analysis  of  Equilibrium  Results 

Carbon  monoxide.  Figures  3-3  and  3-4  show  the  equilibrium  mole  fraction  of  CO. 
Note  from  Figure  3-3  that,  in  general,  as  temperature  increases,  the  fraction  of  CO  at 
equilibrium  also  increases.  Due  to  the  susceptibility  of  fuel  cell  poisoning  by  CO,  the 
motive  for  low  temperature  reforming  is  apparent.  Figure  3-4  illustrates  the  effect  of  the 
reactant  stoichiometry  on  the  composition  of  the  product  species.  As  shown,  increasing 
the  H20:C  ratio  decreases  the  fraction  of  CO  in  the  products.  This  indicates  that  using  a 
water-rich  stoichiometry  might  be  advantageous  for  fuel  cell  applications,  as  CO  content 
appears  to  be  reduced. 

Carbon  dioxide.  As  might  be  expected,  the  equilibrium  mole  fraction  for  CO2  in 
the  products  at  various  temperatures,  as  shown  in  Figure  3-5,  exhibits  a trend  opposite 
that  seen  by  CO.  This  is  due  to  the  mole  balance  of  carbon  that  must  occur  with  CO  and 
CO2  as  the  only  contributors.  Accordingly,  the  CO2  mole  fraction  tends  to  decrease  with 
increasing  temperature.  Figure  3-6  indicates  that  the  mole  fraction  of  CO2  decreases  with 
increasing  H20:C  ratio,  similar  to  the  CO  case.  While  counter-intuitive,  this  occurs 
because  of  the  increase  in  the  total  number  of  moles  present  in  the  products  due  to 
reactant  stoichiometry. 
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Figure  3-3;  Equilibrium  Mole  Fraction  CO  for  Various  Reaction  Temperatures  at  a 
Constant  Reactant  H20:C  Ratio  of  1 .5: 1 


Figure  3-4:  Equilibrium  Mole  Fraction  CO  for  Various  Reactant  H20:C  Ratios  at  a 
Constant  Reaction  Temperature  of  260°C 
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Fractional  Methanol  Conversion,  Xm 


Figure  3-5:  Equilibrium  Mole  Fraction  CO2  for  Various  Reaction  Temperatures  at  a 
Constant  Reactant  H20:C  Ratio  of  1.5:1 


Fractional  Methanol  Conversion,  Xm 

Figure  3-6:  Equilibrium  Mole  Fraction  CO2  for  Various  Reactant  H20:C  Ratios  at  a 
Constant  Reaction  Temperature  of  260°C 
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Molecular  hydrogen.  Figures  3-7  and  3-8  show  mole  fractions  for  H2  at 
equilibrium.  From  Figure  3-7  it  appears  that  an  increase  in  temperature  results  in  a 
modest  decrease  in  H2  mole  fraction.  Figure  3-8  indicates  that  increasing  the  H20:C  ratio 
will  result  in  a decrease  in  H2  fraction.  Note  that  the  mole  fraction  of  H2  is  considerably 
higher  than  both  CO2  and  CO. 

Water.  Figures  3-9  and  3-10  show  the  mole  fraction  of  water  at  equilibrium. 
Figure  3-9  shows  that  temperature  has  very  little  impact  on  the  mole  fraction  of  water 
present.  However,  Figure  3-10  shows  that,  as  might  be  expected,  as  the  fraction  of  water 
is  increased  in  the  reactants,  there  is  a corresponding  increase  in  the  quantity  of  water  in 
the  products. 

Methanol.  The  mole  fraction  of  methanol  in  the  products  is  indirectly  defined  as 
an  independent  variable,  as  it  will  correspond  to  the  fractional  methanol  conversion  level. 
Figures  j-1 1 and  3-12  show  the  mole  fraction  of  methanol  defined  by  the  fractional 
conversion  level.  As  expected,  all  data  converges  to  zero  concentration  at  100% 
conversion.  As  shown  in  Figure  3-1 1,  since  the  conversion  of  methanol  is  an  independent 
variable,  the  mole  fraction  of  methanol  is  independent  of  temperature.  The  slight 
variation  in  the  molar  fraction  of  methanol  in  Figure  3-12  is  due  to  small  changes  of  the 
total  number  of  moles  present  in  the  products  due  to  reactant  stoichiometry. 

Energy  consumption.  Due  to  the  endothermic  nature  of  the  methanol  steam- 
reforming process,  external  energy  input  is  required  to  maintain  reactor  bed  temperature. 
Figures  3-13  and  3-14  show  the  calculated  value  for  this  energy  requirement  based  on  the 
molar  quantities  determined  by  chemical  equilibrium  calculations.  The  values  were 
calculated  using  the  ideal  gas  enthalpy  for  each  species  at  the  designated  temperature. 


mole  fraction,  % 31  mole  fraction,  % 
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gure  3 


-7:  Equilibrium  Mole  Fraction  H2  for  Various  Reaction  Temperatures  at  a 
Constant  Reactant  H20:C  Ratio  of  1.5:1 


Figure  3-8:  Equilibrium  Mole  Fraction  H2  for  Various  Reactant  H20:C  Ratios  at  a 
Constant  Reaction  Temperature  of  260°C 
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Figure  3-9;  Equilibrium  Mole  Fraction  H2O  for  Various  Reaction  Temperatures  at  a 
Constant  Reactant  H20:C  Ratio  of  1.5:1 


Fractional  Methanol  Conversion, 


Figure  3-10:  Equilibrium  Mole  Fraction  H2O  for  Various  Reactant  H20:C  Ratios  at  a 
Constant  Reaction  Temperature  of  260°C 
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-11:  Mole  Fraction  CH3OH  for  Various  Reaction  Temperatures  at  a Constant 
Reactant  H20:C  Ratio  of  1.5:1 
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Figure  3-12:  Mole  Fraction  CH3OH  for  Various  Reactant  H20:C  Ratios  at  a Constant 

Reaction  Temperature  of  260°C 
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3-13:  Energy  Requirements  for  Isothermal  Reactor  Operation  at  a Constant 
Reactant  H20:C  Ratio  of  1.5:1  Based  on  Equilibrium  Calculations 


Figure  3-14:  Energy  Requirements  for  Isothermal  Reactor  Operation  at  a Constant 
Reaction  Temperature  of  260°C  Based  on  Equilibrium  Calculations 
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Note  that  the  values  shown  differ  from  the  ideal  value  of  49.0  kJ  shown  in  Table  2-3. 

This  is  due  to  the  presence  of  non-ideal  product  specie,  as  well  as  the  evaluation  of  the 
reaction  at  a temperature  other  than  298K. 

Hydrogen  yield.  The  hydrogen  yield,  defined  as  the  molar  quantity  of  hydrogen  in 
the  products  divided  by  the  moles  of  hydrocarbon  fuel  in  the  reactant,  is  shown  in  Figures 
3-15  and  3-16.  Note  that  the  hydrogen  yield  has  very  little  dependence  on  temperature 
and  H20:C  ratio,  while  the  methanol  conversion  level  effects  this  parameter  substantially. 
One  interesting  consideration  in  terms  of  the  hydrogen  yield  is  the  effect  that  the  presence 
of  methane  (CH4)  in  the  reaction  products  would  have  on  this  parameter.  Since  any 
hydrogen  atoms  present  in  the  form  of  methane  would  reduce  the  balance  of  molecular 
hydrogen,  the  hydrogen  yield  would  be  considerably  lower.  When  considering  the  total 
chemical  energy  available  in  the  products  this  does  not  create  an  efficiency  penalty; 
however,  the  chemical  energy  available  for  use  in  a fuel  cell  would  be  affected. 

Summary 

Steam  reforming  of  methanol  is  an  endothermic  process  that  can  be  used  to 
produce  hydrogen-rich  gas  for  use  in  fuel  cells.  While  any  number  of  specie  could  be  a 
product  of  the  methanol-steam  reaction,  typical  operating  conditions  result  in  a product 
gas  that,  for  the  purposes  of  fuel  cell  applications,  is  composed  of  CO2,  CO,  H2,  H2O  and 
unreacted  methanol.  A solution  for  the  equilibrium  quantities  of  CO2,  CO,  H2  and  H2O  in 
the  reaction  products  as  a function  of  temperature,  fractional  methanol  conversion,  and 
reactant  stoichiometry  has  been  presented.  These  data  can  be  used  as  a predictive  tool  for 
the  actual  methanol  steam-reforming  process,  in  regard  to  the  mole  fraction  or 
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Fractional  Methanol  Conversion,  Xm 


Figure  3-15:  Hydrogen  Yield  at  a Constant  Reactant  H20:C  Ratio  of  1.5:1  Based  on 

Equilibrium  Calculations 


Fractional  Methanol  Conversion, 


Figure  3-16:  Hydrogen  Yield  at  a Constant  Reaction  Temperature  of  260°C  Based  on 

Equilibrium  Calculations 


concentration  of  each  of  the  product  species,  as  well  as  the  energy  required  to  maintain 
the  endothermic  reaction. 
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Plug  Flow  Reactor  Theory 

The  plug  flow  reactor  model  is  a relatively  simple  and  effective  method  of 
predicting  reactor  conversion  potential.  In  order  to  presume  plug  flow  behavior,  three 
conditions  must  be  assumed  [36,37]: 

1)  The  axial  velocity  profile  is  flat. 

2)  Over  any  cross  section  of  the  fluid  motion,  the  mass  flow  rate  and  fluid 
properties  (pressure,  temperature  and  composition)  are  uniform. 

3)  There  is  no  back  flow  in  the  axial  direction. 

These  assumptions  result  in  what  amounts  to  a one-dimensional  reactor  model.  Whether 
or  not  the  assumptions  listed  above  are  valid  is  dependent  on  reactor  geometry  as  well  as 
flow  conditions.  For  a packed  bed  design,  theoretical  analysis  of  flow  dynamics  is  very 
difficult,  if  not  impossible.  For  this  reason,  the  only  guide  to  the  validity  of  these 
assumptions  is  based  on  past  experience  in  the  chemical  processing  industry. 

Rase  [38]  has  suggested  that  there  are  a combination  of  factors  that  influence  the 
validity  of  the  plug  flow  assumption.  Two  parameters  in  particular  are  noted  to  be 
significant.  The  reactor  length  to  catalyst  particle  equivalent  diameter  ratio  (L/Dp)  should 
be  high  (>50)  to  ensure  an  adequate  number  of  “layers”  of  catalyst  in  the  axial  direction. 
In  addition,  in  the  case  of  a tubular  reactor,  the  reactor  diameter  to  catalyst  particle 
equivalent  diameter  (D/Dp)  should  be  large  (>10)  to  reduce  wall  effects  in  the  radial 
velocity  distribution.  It  is  noted  that  while  these  criteria  are  easily  attainable  for  industrial 
size  reactors,  this  is  not  the  case  for  a typical  laboratory  reactor.  Therefore,  during 
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experimentation  these  factors  can  be  significant  and  should  be  taken  into  consideration 
during  the  analysis  of  results. 

Plug  Flow  Model 

From  Figure  3-17  it  is  clear  that  a material  balance  for  a plug  flow  reactor 
differential  volume  can  be  written  as 

FA={F,+dF,)+r,dV . (3.16) 


Figure  3-17:  Material  Balance  for  Plug  Flow  Reactor 

In  this  equation  Fa  represents  the  flow  rate  of  species  .4(moFs''),  and  is  the  rate  of 
decomposition  of  species  v4(moFm'^-s’’).  Simplifying  this  equation,  one  obtains: 

dFA=-r,dV.  (3.17) 

The  flow  rate,  Fa,  can  also  be  written  as  a function  of  the  reactor  inlet  flow  rate,  Fao,  and 
the  fractional  conversion  of  species  ^4,  denoted 

F,=Fj\-X,).  (3.18) 

Solving  for  dFA, 


dF,  =4Fj^-X,)]  = dF,^ -dF,„X,  = F,^dX, 


(3.19) 


for  a constant  inlet  flow  rate,  Fao-  Combination  of  (3.17)  and  (3.19)  with  some 
rearrangement  yields. 
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dV  _ dX, 

F -r 

^ Ao  'A 

Integration  of  this  equation  results  in  the  traditional  plug  flow  reactor  equation. 


V ^ 

J — V 


(3.20) 


F 


(3.21) 


where  V is  the  volume  of  the  reactor.  Note  that  the  left-hand  side  of  this  equation  is  a 
variation  of  the  space  velocity  parameter  (^f')  that  is  standard  in  the  chemical  processing 
industry.  By  adjusting  the  molar  flow  rate  by  the  molecular  weight  of  species  A {MWa) 
and  the  density  of  A at  some  standard  pressure  and  temperature  (jja). 


V Pa 


Fao  Fm^A 


(3.22) 


the  space  velocity  can  be  written  as 


SV  = ^ (3.23) 

where  Qao  is  the  inlet  volumetric  flow  rate  of  species  A.  Space  velocity  can  be  described 
as  a measure  of  the  number  of  reactor  volumes  processed  in  a given  period  of  time.  As 
such,  the  unit  for  space  velocity  is  inverse  time  and  is  usually  taken  to  be  hr"'. 

From  equations  3.21  and  3.22  it  is  clear  that  the  total  fractional  conversion  of 
reactant  species  A for  a given  reactor  could  be  predicted  using  the  space  velocity  term 
and  some  knowledge  of  the  reaction  rate  for  a specific  reaction.  This  suggests  that,  given 
reaction  rate  data,  this  model  could  be  used  as  a tool  for  predicting  overall  reactor 
conversion  potential.  Conversely,  given  the  space  velocity  and  fractional  conversion  data. 
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the  reaction  rate  for  a given  reaction  could  be  determined.  Since  the  main  objective  of 
this  research  involved  determining  the  effect  of  hydrocarbon  impurities  on  the  methanol 
steam-reforming  reaction,  it  follows  that  this  type  of  analysis  was  required  to  achieve  the 
stated  objective. 

Model  Development 

The  first  step  in  determining  the  reaction  rate  for  a specific  reaction  is  to  develop 
a differential  rate  equation  based  on  reaction  kinetics.  In  the  case  of  methanol  reforming, 
the  rate-controlling  reaction  is  the  decomposition  of  methanol  (eqn.  3.2).  This  reaction 
can  be  written  in  terms  of  a forward  reaction  rate  {km)  and  a reverse  reaction  rate  {k.^} 

CH,OH^CO  + 2H^.  (3.24) 

Utilizing  the  law  of  mass  action  and  equation  3.24,  the  approximate  rate  of 
decomposition  of  methanol  (km)  can  be  written  as 

■ =-*.,[CH,0//]  + *.JCOJ[W,]=  (3.25) 


where  brackets  ([])  denote  the  concentration  of  each  respective  species.  This  expression 
can  be  modified  to  obtain  a contaminant  adjusted  rate  constant,  r^c,  which  accounts  for 
the  impact  of  specie  that  might  occupy  catalytic  sites  otherwise  available  for 
decomposition  of  methanol  [33]: 


k_JCO][H,y  -k„,[CH,OH] 

\ + J_(K,C,  +/},) 

( ■ 


(3.26) 


In  this  equation,  Kc  (m^-mof')  is  the  adsorption  (physical  or  chemical)  coefficient  of  any 
contaminant  species  C,  and  Cc  (mol-m'^)  is  the  concentration  of  species  C.  The  term  /?c  is 
a dimensionless  coefficient  that  accounts  for  the  buildup  of  any  particular  contaminant  in 
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the  catalyst  bed  over  time.  It  will  presumably  increase  as  contaminant  is  deposited  on  the 
catalytic  surface,  and  decrease  if  contaminant  is  removed  from  the  surface.  In  this  way,  a 
“history”  of  the  catalyst  bed  will  be  represented  and  affect  the  conversion  potential  of  the 
reactor.  The  summation  term  over  all  C in  the  denominator  of  equation  3.26  is  to  account 
for  more  than  a single  contaminant  species. 

As  a matter  of  convenience,  the  contamination  corrective  term  {KcCc+ Pc)  in  the 
denominator  of  equation  3.26  was  taken  to  be  a single  correction  factor,  (f>c,  for  this 
research.  In  addition,  only  a single  contaminant  was  considered  at  any  one  time,  allowing 
for  the  summation  expression  to  be  dropped.  These  simplifications  result  in  the 


where  is  the  modified  methanol  decomposition  rate  using  the  simplified  contaminant 
correction  model. 

Equation  3.27  is  an  expression  for  the  rate  of  decomposition  of  contaminated 
methanol.  Combining  this  equation  with  the  plug  flow  reactor  equation  (3.21),  one 
obtains 


In  this  equation,  X,ot  is  the  fractional  methanol  conversion  level  at  the  exit  of  the  reactor. 
In  experimental  terms,  it  is  the  measured  fractional  conversion  for  a given  reactor  at 
specified  operating  conditions. 


expression 


-kJCH.OH] 


(3.27) 


(3.28) 


One  way  of  relating  the  forward  (km)  and  reverse  (k.m)  rate  eonstants  for  the 
methanol  decomposition  reaction  (eqn.  3.24)  is  through  the  equilibrium  constant  based  on 


concentration  (Kmc)  for  the  reaction.  At  equilibrium,  the  decomposition  (or  formation) 
rate  of  methanol  will  be  zero: 

dlCH.OH] 

- = -K,[CH,OH]  + k^JCO][H,f=0;  (3.29) 

therefore, 


K.  ..  [CO][H,f 
k_,„  [CH,OH] 


(3.30) 


Lavrov  et  al.  [39]  have  determined  from  free  energy  data  that  the  value  of  this  constant 
can  be  determined  by 

^-11600^ 


=4.275 -10'^  exp 


T 


(3.31) 


where  T is  the  reaction  temperature  in  kelvin  and  K^_c  has  units  of  mol^-m'^. 

Plugging  equation  3.30  into  3.28,  and  assuming  the  rate  constants  are  independent 
of  fractional  conversion  level,  one  can  obtain 


kV 


^ lot 


1 + , 


Fmo  0 [CH,OH] — [CO][H^f 

^M.C 


dX^  . 


(3.32) 


Assuming  that  the  contamination  correction  factor,  (f)c,  is  independent  of  fractional 
conversion  level,  it  is  convenient  to  rewrite  equation  3.32  as 


x„„ 


Mo 


1 


1 


1 + ^0  [CH^OH] — [C(9][//J- 

Xm,c 


dX^. 


(3.33) 


In  equation  3.33,  the  concentration  terms  {[CH3OHJ,  [CO],  [H2J)  are  all  functions 


of  the  fractional  conversion  level  {Xm)  and  the  reactant  stoichiometry.  In  the  case  of 
methanol  concentration,  the  number  of  moles  in  the  in  the  products  was  determined  to  be 
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e = A-X^A,  (3.34) 

which  can  be  written  in  concentration  form  using  the  volumetric  flow  rate  of  the  reactants 
{Qr)  and  the  products  {Qp)  as  required 

[CH,OH]  ■ Qp  = [CH,OH\  -Q,-X^  [CH,OH]„  ■ Q, 

lCHfiH]^[CH,OHl{\-Xj-^  (3.35) 

Qp 

where  the  subscript  o denotes  the  condition  at  the  reactor  inlet.  By  making  the 

assumption  of  a thermally  perfect  gas,  and  assuming  Dalton’s  Law  is  valid,  the 

volumetric  flow  rate  terms  can  be  related  by 

Qp  __  a + b + c + d + e _ Xf^A-b  + b + 3X^^ A-b  + B + h-X^A  + A-X^A 
Qr  A + B A + B 

Qp  '2.x  A + A + B 

^ = . (3.36) 

Qr  A + B 

Plugging  equation  3.36  into  3.35  a solution  for  the  concentration  of  methanol  can  be 
determined  as  a function  of  the  fractional  conversion  level,  the  inlet  methanol 
concentration,  and  the  H20:C  ratio  {B/A)  in  the  reactants 


[CH,OH]^[CH,OHU\-X,,y 


A + B 

2X^A+A+B 


lCH,OH]  = [CH,OHl(l-X^)- 

Using  equation  3.1 1,  a similar  exercise  can  be  implemented  to  determine  the 
concentration  of  H2: 


(3.37) 


[H,  ]-Qp=  3X^  [CH.ONl  ■ Q,  - [CO]  • Qp 
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[«i]  = 3A-„[C«,0//]. 


(3.38) 


Equations  3.31,  3.37  and  3.38  allow  for  the  solution  of  equation  3.33  in  terms  of 
the  following  variables: 

1)  volume  of  the  reactor,  V 

2)  inlet  flow  rate  of  methanol,  Fmo 

3)  temperature,  T 

4)  H20:C  ratio,  B/A 

5)  inlet  concentration  of  methanol,  [CHsOHJo 

6)  concentration  of  CO,  [CO] 

1)  total  fractional  conversion  level  of  methanol,  Xtot 
Of  these  variables,  1)  through  5)  are  considered  independent  and  determined  by  either  rig 
geometry  or  operating  conditions.  The  concentration  of  CO  (6)  can  be  determined  either 
experimentally  or  by  equilibrium  calculations  as  a function  of  temperature,  H20:C  ratio 
and  fractional  methanol  conversion.  The  fractional  conversion  level  of  methanol  (7)  must 
be  determined  experimentally  in  order  to  determine  the  contaminant  adjusted  reaction 
rate  constant,  kj(l  + <f>c). 

Using  the  methodology  presented,  the  effect  of  hydrocarbon  impurities  on  the 
methanol  steam-reforming  process  is  encapsulated  in  the  contaminant  correction  factor, 
([c  ■ This  parameter  can  be  quantified  (to  some  degree),  by  comparing  the  solution  for  the 
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adjusted  rate  constant  {kn/(l  + c^c))  for  non-contaminated  methanol  feedstock  (where  (pc 
is  presumably  zero)  with  the  adjusted  rate  constant  for  contaminated  methanol  feedstock. 

Summary 

Until  recently,  fuel  processing  for  the  production  of  hydrogen  has  been  done 
exclusively  at  large  production  facilities  on  a large  scale.  However,  current  interest  in  the 
utilization  of  hydrogen  as  a fuel  for  fuel  cell  systems,  especially  for  transportation 
applications,  has  triggered  industry  and  the  scientific  community  to  develop  methods  of 
fuel  processing  that  can  be  utilized  on  a small  scale  both  efficiently  and  safely.  The 
integration  of  a fuel  processor  with  a device  such  as  a fuel  cell  is  appealing  because  of  the 
potential  benefits  of  reforming  a common  liquid  fuel,  such  as  methanol,  compared  with 
the  potential  liabilities  of  using  pure  hydrogen  as  a fuel  source. 

One  of  the  characteristics  ot  almost  any  fuel  processing  system,  especially  one  for 
use  with  a fuel  cell,  is  the  presence  of  some  type  of  catalyst  to  enhance  the  fuel  reforming 
process.  Unfortunately,  dependence  on  a catalytic  reactor  to  obtain  adequate  conversion 
levels  in  a fuel  reformer  can  be  problematic,  as  many  types  of  contaminants  can  cause 
catalyst  degradation.  If  catalytic  reactors  for  use  in  fuel  cells  are  ever  to  see  widespread 
use  by  the  public,  contamination  sources  for  different  catalysts  must  be  identified,  and 
their  effects  quantified.  This  would  presumably  lead  to  the  development  of  more 
appropriate  fuels  and/or  more  appropriate  catalysts  than  those  currently  available. 

In  an  attempt  to  quantify  the  effects  of  some  specific  contaminants  on  a particular 
catalyst,  a reactor  model  has  been  developed  that  uses  experimental  data  to  determine  the 
effect  of  certain  contaminants  on  the  feedstock  conversion  potential  of  a fuel  reforming 
system.  While  the  experimental  data  and  results  taken  from  this  study  were  limited  in 
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scope,  the  methodology  for  analysis  of  the  effect  of  contaminants  on  a fuel  reforming 
reactor  is  general,  and  could  be  applied  to  other  reforming  systems  and/or  operating 
conditions. 


CHAPTER  4 

STEAM  REFORMING  EXPERIMENTAL  RIG  DESCRIPTION 


One  of  the  objeetives  of  this  research  was  to  build  an  experimental  rig  that  could 
be  used  to  conduct  a parametric  study  on  the  effect  of  some  hydrocarbon  impurities  on 
the  methanol  steam-reforming  process.  This  chapter  describes  the  experimental  rig  that 
was  built  in  detail,  including  considerations  that  led  to  certain  design  decisions. 

There  were  many  issues  taken  into  consideration  during  the  design  of  the  steam 
reforming  experimental  rig  that  was  used  for  this  research.  Due  to  the  parametric  nature 
of  the  proposed  work,  it  was  essential  that  the  experimental  rig  be  versatile  with  regard  to 
the  range  of  operating  conditions  allowable.  In  addition,  it  was  critical  that  the  unit  was 
serviceable  to  allow  for  repairs,  as  well  as  to  allow  for  replacement  of  catalyst  as 
necessary.  As  with  any  experimental  equipment,  size,  cost,  complexity,  and  other  factors 
were  also  important  considerations  during  the  design  process. 

Methanol  Steam-Reforming  Design  Considerations 
A typical  methanol  steam-reforming  system  is  comprised  of  three  primary 
sub-systems,  including  a pumping  sub-system,  a vaporization  & superheating  sub-system, 
and  a reactor  sub-system.  For  use  in  a fuel  cell  engine,  a reformate  cleanup  sub-system 
might  also  be  included  to  reduce  levels  of  contaminants  (particularly  CO)  in  the 
reformate;  however,  such  a system  was  not  included  as  a part  of  this  research.  Figure  4-1 
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shows  a general  schematic  of  how  each  of  the  three  sub-systems  contributes  to  the  overall 
system  design. 
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Figure  4-1 : Methanol  Steam-Reforming  System  Schematic 


As  indicated  by  Figure  4-1,  the  pumping  sub-system  pumps  liquid  methanol  and 
water,  either  as  a solution  (premix)  or  separately,  to  the  vaporizer  & superheater 
sub-system  where  heat  is  added  by  some  external  source  to  vaporize,  superheat,  and 
combine  (if  not  done  so  already)  the  reactant  specie.  The  resulting  superheated  vapor  is 
piped  to  the  reactor  sub-system,  which  utilizes  a catalyst  to  promote  reaction,  and 
requires  some  external  heat  source  to  maintain  reaction  temperature  due  to  the 
endothermic  nature  of  the  steam-reforming  reaction.  The  final  product  of  the  entire 
process  is  a hydrogen-rich  gas,  or  reformate,  that  is  comprised  of  mostly  H2  (by  volume) 
with  CO2,  H2O,  CO,  and  unreacted  methanol  making  up  the  balance  of  products  in  most 
cases. 

Pumping  Sub-System 

There  are  two  primary  considerations  in  the  selection  of  a pumping  sub-system. 
First,  the  ability  to  control  and  monitor  the  flow  rate  of  the  reactant  specie,  and  second, 
the  ability  to  produce  a range  of  flow  rates  at  a specified  pressure  that  are  compatible 
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with  the  design  of  the  reactor  sub-system  and  feedstock  conversion  requirements.  Other 
design  considerations  include  cost,  durability,  size,  and  ease  of  operation. 

Vaporizer  & Superheater  Sub-Svstem 

The  design  of  the  vaporizer  & superheater  sub-system  must  be  sufficient  to 
vaporize  and  raise  the  temperature  of  the  reactant  flow  to  the  temperature  specified  for 
the  reactor  sub-system.  There  are  two  primary  considerations  in  the  design  of  this 
sub-system,  including  the  method  and  implementation  of  external  heat  input,  as  well  as 
providing  adequate  surface  area  for  the  transfer  of  heat  to  the  methanol  and/or  water. 
These  design  parameters  will  clearly  be  coupled  with  the  flow  rate  of  the  fluid,  which 
indicates  that  the  design  of  the  vaporizer  & superheater  sub-system  is  at  least  partly 
dependent  upon  the  reactor  sub-system  and  pumping  sub-system  designs.  Cost  and 
durability  issues  need  to  be  considered,  especially  with  regard  to  the  external  heat  source 
design.  The  size  of  the  sub-system  will  be  related  to  the  amount  of  heat  transfer  required, 
and  the  dependence  of  overall  size  on  heat  transfer  surface  area.  Implementation  of  data 
acquisition  equipment  and  control  of  the  external  heat  source  are  also  issues  that  must  be 
considered  in  the  design  process  for  experimental  systems. 

Reactor  Sub-Svstem 

The  reactor  sub-system  is  the  heart  of  the  steam  reforming  system.  There  are 
many  issues  that  must  be  considered  in  the  design  of  this  sub-system,  including: 

1)  Size  and  flow  rate  as  they  relate  to  feedstock  conversion 

2)  Method  and  control  of  external  heat  source 

3)  Temperature  variation  within  the  reactor  (isothermal  operation) 

4)  Selection  and  reduction  of  the  catalyst 
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5)  Cost 

6)  The  effect  of  reactor  design  on  other  sub-systems  (integration) 

An  appropriate  reactor  design  results  from  a compromise  of  the  relevant  design  issues. 

Size  and  flow  rate.  The  size  of  the  reactor  and  the  flow  rate  are  related  by  the 
space  velocity  (SV), 

(4.1) 

where  O is  the  volumetric  flow  rate  of  the  feedstock  fuel,  and  F is  the  internal  volume  of 
the  reactor.  This  design  parameter  is  important  because  the  conversion  of  feedstock  is 
limited  primarily  by  two  factors,  the  residence  time  and  the  reaction  temperature.  The 
reaction  temperature  ultimately  determines  the  reaction  rate,  while  the  space  velocity  is 
an  indirect  measure  of  the  time  available  for  reaction  to  occur.  Previous  studies 
[19,33,34]  have  shown  that  feedstock  conversion  begins  to  drop  off  from  a nearly  100% 
conversion  level  at  a space  velocity  of  approximately  1 .Ohr''  (based  on  the  liquid  flow 
rate  of  methanol)  at  a temperature  of  260°C,  and  approximately  1.9hr''  at  a temperature 
of  280°C.  These  data  allow  for  the  determination  of  acceptable  flow  rates  given  the 
reactor  volume,  assuming  that  a high  level  of  conversion  (>99%)  is  required  for  the 
reactor,  as  would  be  the  case  for  fuel  cell  applications. 

External  heat  source.  An  external  heat  source  is  required  during  steam  reforming 
to  maintain  the  reaction  temperature.  In  an  integrated  fuel  cell  engine,  due  to  efficiency 
considerations,  this  heat  is  invariably  supplied  by  burning  a portion  of  the  feedstock  fuel 
or  circulated  reformate.  However,  for  experimental  research,  where  system  efficiency  is 
not  necessarily  a concern,  electrically  resistive  heating  elements  can  be  used  to  supply 
heat  for  the  endothermic  reaction.  The  use  of  resistive  heating  elements  results  in  a 
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simplified  design,  less  cost,  and  superior  control  of  heat  input  relative  to  the  combustion 
of  feedstock  fuel  or  reformate. 

Isothermal  design.  In  an  ideal  experimental  setup,  the  reactor  would  be  perfectly 
isothermal.  This  is  especially  true  when  reaction  temperature  is  an  independent  variable 
and  the  rate  of  reaction  (or  feedstock  conversion)  is  a dependent  variable,  since  small 
changes  in  temperature  can  have  a significant  impact  on  the  rate  of  reaction.  Therefore,  it 
is  advantageous  (for  experimental  research)  to  design  the  reactor  sub-system  to  emulate 
isothermal  operation  as  is  feasible  given  non-ideal  (real-world)  design  constraints. 

Reduction  and  selection  of  catalyst.  Several  manufacturers  produce  a 
low-temperature  water-gas  shift  catalyst  that  is  typical  for  methanol  steam-reforming. 
While  subtleties  in  the  catalyst  design  are  proprietary,  in  each  case  a CuO/ZnO  catalyst 
on  an  aluminum  oxide  substrate  is  used.  As  discussed  in  Chapter  2,  this  type  of  catalyst 
must  be  reduced  before  use.  Due  to  the  susceptibility  of  steam  reforming  catalyst  to 
oxidation  in  air,  the  catalyst  must  be  reduced  in  situ,  or  in  place  in  the  reactor.  Therefore, 
the  design  of  the  reactor  sub-system  must  accommodate  any  hardware  and/or  procedures 
required  for  the  reduction  process.  In  addition,  the  ability  to  seal  off  the  catalyst  bed  in  a 
non-oxidizing  environment  (CO2  or  N2)  under  positive  pressure  is  required  to  prevent 
catalyst  oxidation  and  consequent  deactivation. 

Experimental  Rig  Design 

Several  considerations  were  paramount  during  the  design  of  the  experimental  rig 
used  for  this  research,  including  size  (due  to  limited  laboratory  space),  cost  (due  to 
limited  resources),  and  flexibility  (to  allow  for  operation  over  a range  of  conditions).  In 
addition,  since  a model  has  been  developed  assuming  plug  flow  behavior,  reactor  design 
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parameters  were  chosen  (as  much  as  possible)  to  emulate  the  plug  flow  model.  A 
simplified  schematic  of  the  entire  experimental  rig  is  shown  in  Figure  4-2.  Discussion 
that  follows  details  the  design  of  individual  components  and  considerations  that  led  to 
design  decisions. 
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Figure  4-2:  Simplified  Experimental  Rig  Schematic 


Reactor  Sub-System  Design 

The  design  of  the  experimental  rig  began  with  the  reactor  sub-system  since  the 
design  of  the  rest  of  the  experimental  rig  was  dependent  on  the  reactor  design.  Several 
issues,  some  of  which  have  already  been  addressed  in  general  terms  in  the  previous 
section,  were  considered  above  all  others  during  the  reactor  design.  First,  for  analysis 
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purposes,  it  was  desirable  for  the  reactor  flow  to  approximate  plug  flow  behavior,  which 
was  assumed  during  model  development.  Second,  it  was  evident  that  an  isothermal 
reactor  would  simplify  analysis  of  experimental  data,  including  the  interpretation  of 
results.  Third,  the  expected  contamination  of  the  catalyst  bed  during  experimentation 
required  that  the  catalyst  bed  be  accessible  for  replacement.  Fourth,  data  acquisition  and 
temperature  control  issues  required  that  the  reactor  bed  be  outfitted  with  appropriate 
hardware  and  transducers  to  allow  for  accurate  and  timely  data  retrieval.  Finally,  for 
purposes  of  data  collection,  it  was  required  that  the  product  gases  (reformate)  be  cooled 
so  that  a majority  of  water  and  methanol  present  would  condense  to  liquid  form. 
Therefore,  a condensing  unit  was  required  that  would  not  typically  be  a part  of  a steam 
reforming  rig  except  under  experimental  circumstances.  Of  course,  all  of  these  design 
issues  were  addressed  in  consideration  of  the  size  and  cost  of  the  entire  rig. 

Reactor  description 

The  catalyst  used  for  this  research  was  a low-temperature  water-gas  shift  catalyst 
(ICI  catalyst  51-3)  manufactured  by  ICI  Katalco.  This  catalyst  is  a mixture  of  copper 
oxide,  zinc  oxide,  and  aluminum  oxide  in  unspecified  (proprietary)  quantities.  The 
catalyst  was  delivered  and  used  in  pellet  form,  with  each  catalyst  pellet  being  a cylinder 
3/16”  in  diameter  and  3/16”  in  height.  The  bulk  density  of  the  catalyst  was  specified  to  be 
75-801bs/ft^.  Instructions  for  the  reduction  of  the  catalyst  were  supplied  by  the 
manufacturer,  and  the  reduction  process  used  is  outlined  in  Chapter  5. 

A schematic  of  the  reactor  assembly  can  be  seen  in  Figure  4-3.  The  primary 
reactor  component  was  a 25”  length  of  schedule  40  - Y4”  stainless  steel  (304SS)  pipe.  The 
pipe  was  divided  into  six  equally  spaced  reaction  “zones”,  each  with  its  own 
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Figure  4-3:  Reactor  Assembly  Schematic 
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independently  controlled  electrical  heating  element  (3”  length,  240W  band  heater).  On 
either  side  of  each  heating  element  (axially)  were  two  type-K  thermocouples  (fourteen  in 
all),  one  surface  themiocouple  attached  to  the  outside  surface  of  the  reactor  pipe  (S1-S7), 
the  other  a probe  thermocouple  (1-7)  that  monitored  the  core  reactor  temperature  through 
a %”  threaded  Swagelok®  fitting  mounted  in  the  reactor  wall.  High  temperature  (400°C) 
silicone  sealant  was  used  to  prevent  leakage  around  the  threads  of  each  fitting.  At  six 
locations  opposite  the  thermocouple  ports  (shown  in  Figure  4-3)  were  similar  ports  (also 
with  sealant)  that  were  used  to  take  gas  samples  at  various  locations  throughout  the 
reactor.  Individually  controlled  plug  valves  and  '/«”  stainless  steel  tubing  were  used  to 
control  the  flow  of  reaction  product  and  route  the  sample  gas  to  the  condensing  unit,  as 
shown.  At  each  end  of  the  reactor  were  removable  stainless  steel  hex  cap  assemblies  that 
both  sealed  the  reactor  and  allowed  for  connection  with  'A”  tubing  either  from  the 
vaporizer  & superheater  sub-system  at  the  top  or  to  the  condensing  unit  or  exhaust  at  the 
bottom  as  shown  in  Figure  4-3.  The  lower  hex  cap  assembly  also  used  a stainless  steel 
screen  as  a “shelf’  to  prevent  catalyst  pellets  from  blocking  the  exit  of  the  reactor.  Each 
end  cap  was  sealed  using  high  temperature  silicone  sealant.  The  entire  rector  was 
insulated  using  two  pieces  of  rigid  semi-cylindrical  calcium  silicate  insulation  that  was 
“machined”  in  relief  fashion  to  fit  the  around  the  reactor  assembly.  After  installation,  the 
insulation  was  held  in  place  with  cable  ties  that  could  be  tightened  to  provide  a secure  fit 
and  good  coverage  (few  gaps).  The  resulting  diameter  of  the  two  “halves”  of  insulation 
was  6”,  which  left  1 lA”  to  2”  of  insulation  thickness  around  the  reactor  depending  on  the 


location. 
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Reactor  design  considerations 

The  design  processes  for  the  reactor  assembly  can  be  divided  into  three 
categories,  including  material  selection,  design  dimensions,  and  component  selection.  As 
with  most  reactor  designs,  these  categories  cannot  be  evaluated  independent  of  each  other 
during  the  design  process;  however,  it  is  convenient  to  do  so  for  descriptive  purposes. 

Material  selection.  Stainless  steel  was  used  almost  exclusively  for  the  design  of 
the  reactor,  and  for  that  matter  the  entire  rig.  The  three  primary  reasons  for  this  selection 
were  cost,  availability,  and  maximum  operating  temperature.  Two  secondary  reasons 
included  resistance  to  corrosion,  as  well  as  machinability.  With  regard  to  cost  and 
availability,  stainless  steel  pipe  and  fittings  were  readily  available  from  a number  of 
sources  at  a reasonably  low  price.  The  material  properties  of  steel  were  well  suited  for 
this  design,  except  for  the  low  thermal  conductivity  (and  diffusivity)  of  steel  relative  to 
some  other  materials  such  as  aluminum  alloys  or  iron.  However,  these  aspects  of  the 
design  were  of  little  significance  and  were  outweighed  by  other  factors,  including  the 
availability  of  stainless  steel  hardware  such  as  that  shown  in  Figure  4-3. 

Design  dimensions.  The  dimensions  used  for  the  reactor  were  constrained  by  the 
laboratory  space  available,  the  availability  and  cost  of  other  reactor  hardware,  and  the 
validity  of  the  plug  flow  reactor  model. 

An  initial  approximation  for  the  maximum  length  of  the  reactor  assembly  was  one 
(1)  meter,  based  on  the  space  available  and  the  resulting  size  of  the  entire  rig.  This 
dimension  was  also  favorable  with  regard  to  the  size  and  quantity  (and  therefore  cost)  of 
components  required  to  heat,  instrument,  insulate,  and  mount  the  reactor  assembly.  One 
of  the  parameters  that  can  be  used  to  determine  the  validity  of  the  plug  flow  assumption 
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is  the  ratio  of  the  length  of  the  reactor  in  question  to  the  catalyst  particle  equivalent 
diameter  (L/Dp).  For  this  parameter,  the  catalyst  particle  equivalent  diameter  is  defined  as 
the  diameter  of  a spherical  particle  that  would  have  the  same  surface  area  to  volume  ratio 
as  the  particle  in  question.  Rase  [38]  has  indicated  that  a minimum  value  for  L/Dp  in 
order  to  assume  plug  flow  behavior  is  1 00,  while  another  source  [40]  suggests  that  values 
greater  than  50  result  in  no  significant  deviation  from  the  plug  flow  model.  Using  the 
catalyst  described  previously,  the  corresponding  length  based  on  a L/Dp  ratio  of  50  would 
be  approximately  12”;  likewise,  a length  of  24”  would  result  in  a L/Dp  ratio  of  just  over 
100. 

Based  on  the  considerations  of  reactor  length  described  above,  it  was  decided  that 
the  use  of  six  four-inch  (24”  total)  reaction  zones  would  result  in  a reactor  of  appropriate 
length,  as  well  as  allow  for  the  use  of  commercially  available  heating  elements.  The  final 
dimension  of  25”  allowed  for  threading  of  the  hex  cap  assemblies  into  each  end  of  the 
reactor  pipe. 

The  outside  diameter  of  the  reactor  was  determined  primarily  by  two  factors, 
namely  the  ultimate  volume  of  the  reactor  and  the  availability  of  heating  elements.  In  the 
range  that  was  practical  for  this  design,  heating  elements  were  available  in  standard  sizes 
to  fit  a 1 ”,  2”  or  4”  outside  diameter.  However,  the  increase  in  cost  associated  with  a 
larger  design,  as  well  as  limitations  on  the  reactor  volume  as  it  related  to  space  velocity 
and  flow  rate  (and  therefore  pump  and  vaporizer  design),  resulted  in  the  selection  of  the 
smaller  1”  heat  bands  for  use  with  this  reactor.  From  the  standpoint  of  the  validity  of  the 
plug  flow  model,  the  ratio  of  the  reactor  diameter  to  catalyst  particle  equivalent  diameter 
(D/Dp)  can  be  used  to  estimate  the  effect  of  flow  interaction  with  the  reactor  inside  wall 
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(wall  effects).  For  values  less  than  10,  this  parameter  indicates  that  there  may  be  some 
substantial  wall  effects  present  that  are  not  incorporated  into  the  plug  flow  model  due  to 
its  one-dimensional  nature  [40].  Unfortunately,  the  value  of  this  parameter  for  this  design 
is  roughly  3.7.  This  indicates  a shortcoming  in  the  design  that  could  not  be  avoided  due  to 
overriding  considerations  (cost,  size)  already  described.  Therefore,  the  issues  associated 
with  this  restriction  are  considered  in  the  evaluation  of  experimental  results. 

The  wall  thickness  of  the  reactor  was  based  on  materials  available,  as  well  as  the 
necessity  to  install  thermocouple  and  gas  sample  ports  in  the  wall  of  the  reactor.  From  a 
heat  transfer  perspective,  the  smallest  wall  thickness  available  that  would  satisfy  these 
criteria  was  preferred.  Consideration  of  these  factors  resulted  in  the  selection  of  the 
schedule  40-  ^4”  pipe  (0.1 13”  wall)  used  for  this  design. 

Component  selection.  The  heat  bands  used  for  the  design  were  the  most  difficult 
(in  terms  of  availability)  and  most  expensive  of  the  components  to  obtain.  This  resulted 
in  some  compromise  during  the  design  of  the  rig  to  accommodate  the  heat  bands  that 
were  available.  For  example,  since  the  heat  bands  were  installed  by  sliding  on  the  reactor 
tube  (as  opposed  to  clamping  on  in  two  halves),  it  was  necessary  to  be  able  to  remove  the 
thermocouple  and  gas  port  fittings  to  allow  for  replacement  of  heat  bands  if  necessary. 
This  inconvenience  resulted  in  using  threaded  (removable)  fittings  rather  than  welded 
fittings.  While  the  one-piece  heat  bands  were  somewhat  cumbersome  to  install,  the 
maximum  temperature  rating  of  760°C  allowed  for  a relatively  high  maximum  reactor 
operating  condition. 

Thermocouples  used  throughout  the  rig  design  were  K-type,  which  were  chosen 
because  of  their  wide  temperature  range  (0-1370°C).  All  thermocouples  used  were 
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ungrounded  (to  the  rig)  in  order  to  prevent  over-voltage  problems  that  might  have 
occurred  because  of  a different  ground  reference  for  the  rig  and  data-acquisition 
equipment. 

All  fittings  and  valves  were  “off-the-shelf’  items,  which  allowed  for  timely 
acquisition  of  parts.  The  insulation  used  was  selected  because  of  its  insulating  properties 
and  the  fact  that  it  was  rigid,  as  opposed  to  pipe-wrap  type  insulation.  This  allowed  for 
quick  and  easy  removal  of  the  insulation  during  repair  or  catalyst  replacement. 

Reactor  design  summary 

Table  4-1  gives  a summary  of  some  descriptive  parameters  for  the  reactor  used 
during  this  research.  While  some  details  are  simply  a description  of  the  design,  others  are 
estimations  based  on  experience  gained  while  using  the  rig.  For  instance,  the  maximum 
temperature  was  found  to  be  constrained  by  limitations  on  the  insulation  used,  as  well  as 
the  sealant  used  on  some  surfaces,  which  began  to  deteriorate  at  an  operating  temperature 
of  about  450°C.  The  maximum  flow  rate  was  an  estimated  value  based  on  experimental 
observation,  and  was  limited  primarily  by  the  increased  temperature  required  at  the 
reactor  outside  wall  to  maintain  sufficient  heat  flux  into  the  reactor  at  higher  flow  rates. 
This  was  not  so  much  a problem  with  respect  to  the  maximum  operating  temperature  of 
the  heat  bands,  but  rather  the  large  temperature  gradients  that  would  form  in  the  axial 
direction  as  the  amount  of  methanol  converted  in  the  initial  portion  (first  two  reaction 
zones)  of  the  reactor  increased  relative  to  the  rest  of  the  reactor.  These  variations  in 
temperature  created  difficulties  in  controlling  isothermal  operation,  which  affected  the 
reliability  of  results.  In  the  table,  note  that  the  maximum  power  available  at  elevated 
temperature  is  lower  than  the  advertised  power  rating  for  the  heat  bands.  The  value 


shown  was  observed  during  operation,  and  is  lower  than  the  advertised  value  due  to  the 
change  in  electrical  resistance  of  the  heating  element  as  temperature  increases. 
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Table  4-1 : Reactor  Details 


Parameter 

Description 

Notes 

Type 

packed  bed 

Catalyst 

ICI  Katalco  5 1 -3  low 
temp  water-gas  Shift 

3/16”x  3/16” 
cylindrical  pellet 

Heat  Supply 

electrically  resistive 
heat  bands 

240  W/ 110  VAC 
760°C  max  temp 

Volume 

210  cm-^ 

six  4”  reaction  zones 
0.824”  l.D. 

Max  Operating 
Temperature 

450°C 

estimated 

Max  Power  Available 
(per  zone)  (a),  450°C 

200  W 

function  of 
temperature 

Max  Flow  Rate“ 
m 450°C 

7.5  ml/min 
liquid  methanol 

estimated 

Max  Flow  Rate^ 
(5)  275°C 

10.0  ml/min 
liquid  methanol 

estimated 

‘‘based  on  1.5:1  water-methanol  stoichiometry 


Condensing  unit 

A condensing  unit  was  required  to  cool  reaction  product  gas  (reformate)  and 
condense  out  as  much  of  the  condensable  product  specie  (in  this  case  water  and 
methanol)  as  possible.  For  the  purposes  of  this  report,  this  rig  component  is  considered  a 
part  of  the  reactor  sub-system  design.  A schematic  of  the  condensing  unit  can  be  seen  in 
Figure  4-4.  The  design  of  the  unit  was  straightforward,  as  cost  and  simplicity  were  the 
primary  design  considerations. 

Reformate  from  the  reactor  exit  or  gas  sample  ports  was  piped  to  the  condensing 
unit  through  stainless  steel  tubing  where  a union  fitting  transferred  to  %”  copper  tubing. 
This  copper  tubing  passed  through  an  appropriately  sized  hole  that  had  been  carefully 
drilled  through  the  side  of  a small  (3’  high)  refrigerator.  Once  inside  the  refrigerator,  the 
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coiled  copper  tubing  was  submerged  in  an  ice  water  bath,  similar  to  what  is  shown  in 
Figure  4-4.  After  the  condensing  coil,  a liquid  trap  was  used  to  collect  condensate  over 
the  course  of  an  experimental  run.  Downstream  of  the  liquid  trap,  at  the  exit  of  the 
refrigerator,  was  a thermocouple  that  monitored  the  temperature  of  the  exhaust  stream. 
After  leaving  the  refrigerator  (through  a similarly  drilled  hole),  a sample  of  the 
presumably  dry  (for  the  most  part)  product  gas  could  be  taken  at  the  installed  gas 
sampling  port.  An  exhaust  to  outside  followed  the  sampling  port. 

So  long  as  the  temperature  of  the  ice  bath  was  kept  near  freezing,  the  reformate 
exhaust  stream  could  be  maintained  under  5°C.  However,  the  cooling  capacity  of  the 
refrigerator  was  insufficient  to  prevent  the  ice  from  melting  over  extended  periods  of  run 
time.  For  this  reason,  bagged  ice  was  used  during  experimental  runs  to  keep  the  cooling 
water  at  near  0°C.  While  this  was  inconvenient,  it  was  necessary  to  provide  reliable  data, 
as  will  be  illustrated  during  an  analysis  of  experimental  results. 

Carbon  dioxide  purge 

A CO2  purge  system  was  a required  component  of  the  reactor  sub-system  in  order 
to  purge  hydrogen  gas  out  of  the  system  after  use,  as  well  as  maintain  a non-oxidizing 
environment  for  the  catalyst  bed.  Figure  4-5  shows  a schematic  of  how  this  system  was 
installed.  The  system  was  operated  by  first  closing  the  inlet  valve  (R)  immediately 
upstream  of  the  superheater  component  and  valve  (E)  immediately  downstream  of  the 
reactor.  After  opening  valve  (C),  the  bottle  of  CO2  was  opened  at  low  pressure  (<5psig) 
to  purge  the  superheater,  reactor,  and  condensing  unit.  By  opening  valve  (E)  and 
closing  valve  (C),  the  exhaust  could  be  fully  purged  in  a similar  fashion.  After  purging 
the  entire  system,  valve  (E)  was  closed,  sealing  off  the  reactor  at  the  pressure 
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Figure  4-5:  Carbon  Dioxide  Purge  System  Schematic 
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regulated  at  the  CO2  bottle.  Over  the  course  of  experimentation,  this  method  of  purging 
and  pressurizing  the  reactor  assembly  was  effective  in  preventing  oxidation  of  the 
catalyst. 

Pumping  Sub-System  Design 

The  pumping  sub-system  was  designed  to  accommodate  the  reactor  design  in 
terms  of  the  range  of  feedstock  flow  rate  (and  therefore  space  velocity)  that  would  be 
attainable  during  experimentation.  The  components  of  the  design  included  liquid  pumps, 
methanol  and  water  reservoirs,  and  various  tubing  and  fittings.  A schematic  for  the 
overall  design  can  be  seen  in  Figure  4-6.  For  the  purposes  of  this  report,  hardware 
required  for  reduction  of  the  catalyst  is  included  as  a part  of  the  pumping  sub-system.  A 
schematic  of  this  system  can  be  seen  in  Figure  4-7. 

Pumps  and  tubing 

Variable  speed  peristaltic  pumps  were  used  to  pump  liquid  water  and/or  methanol 
from  reservoirs  to  the  vaporizer  & superheater  sub-system.  A peristaltic  pump  is  a 
positive  displacement,  constant  volume  pump  that  uses  rotating  rollers  and  flexible  tubing 
to  “squeeze”  the  liquid  in  the  direction  of  rotation.  These  pumps  were  selected  for  their 
ease  of  operation  and  their  ability  to  produce  a wide  range  of  flow  rates.  Depending  on 
the  size  of  tubing  used,  a single  pump  could  generate  a wide  range  of  flow  rates,  as 
illustrated  in  Table  4-2.  For  this  research,  L/S®  14  tubing  was  used,  as  the  flow  rate 
associated  with  that  size  tubing  was  most  compatible  with  the  experimental  operating 
conditions.  However,  note  that,  based  on  the  reactor  used  for  this  research,  a range 
of  space  velocites  from  less  than  0. 1 to  over  1 00  could  be  attained  using  a single  pump 
with  different  sizes  of  tubing. 
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reservoir 


Figure  4-6;  Pumping  Sub-System  Schematic 


to  vaporizer 


Figure  4-7:  Reduction  Hardware  Schematic 
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Table  4-2:  Pump  Flow  Rate  Range 


Tubing  Type® 

Flow  Rate  Range(ml/min) 

Space  Velocity  Range*’(hr'') 

L/S®  13 

0.1  to  6 

0.03  to  1.7 

L/S®  14 

0.4  to  21 

0.11  to  6.0 

L/S®  15 

1.4  to  80 

0.40  to  23 

L/S®  25 

3 to  170 

0.86  to  49 

L/S®  17 

5 to  280 

1.4  to  80 

L/S®  18 

6 to  380 

1.7  to  109 

®from  Cole-Parmer  1 999/2000  catalog 
'’based  on  2 1 Ocm^  reactor  volume 


Methanol  and  water  reservoirs 

High  density  polyethylene  (HDPE)  5 liter  tanks  were  used  as  reservoirs  for 
methanol  and  water  feedstock.  The  tanks  were  equipped  with  spigots  and  attached  clear 
vinyl  tubing  to  deliver  the  liquids  to  the  peristaltic  pumps.  Scales  were  used  to  monitor 
the  mass  of  each  reservoir  as  shown  in  Figure  4-6.  This  allowed  for  a direct  measurement 
of  the  average  mass  flow  rate  of  the  reactants  over  the  course  of  an  experimental  run. 
Reduction  hardware 

The  reduction  hardware  consisted  of  bottled  hydrogen  and  nitrogen  as  well  as 
adjustable  “rotameter”  type  flowmeters.  Each  of  the  compressed  gases  was  regulated  to 
lOpsig,  and  flow  rate  was  controlled  by  the  adjustment  of  needle  valves  on  the 
flowmeters.  Two  different  flowmeters  were  used,  one  to  control  the  flow  of  hydrogen,  the 
other  the  flow  rate  of  nitrogen.  The  flowmeter  settings  and  procedures  used  during 
experimentation  are  outlined  in  Chapter  5. 

Integration  of  the  reduction  hardware  into  the  experimental  rig  was 
straightforward  and  is  illustrated  in  Figure  4-8. 
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Figure  4-8:  Reduction  Configuration  Schematic 


Vaporizer  & Superheater  Sub-System  Design 

The  purpose  of  the  vaporizer  & superheater  sub-system  was  to  elevate  the 
temperature  of  the  reactants  to  the  operating  temperature  of  the  reactor.  The  design 
consisted  of  two  separate  vaporizers  (one  for  methanol  the  other  for  water)  which  made 
up  the  vaporizer  assembly,  and  a single  superheater  immediately  upstream  of  the  reactor 
assembly. 

Vaporizer  assembly 

The  vaporizer  assembly  is  shown  in  Figure  4-9.  The  assembly  consisted  of 
separate  methanol  and  water  vaporizers,  each  having  a similar  design.  Each  vaporizer 
was  constructed  of  a length  of  I/2”  O.D.  stainless  steel  tubing.  The  methanol  vaporizer 
was  25.2”  long,  while  the  water  vaporizer  was  33.5”  long.  Each  vaporizer  was  fitted  at 
each  end  with  a '/^”x  I/4”  Swagelok®  fitting  to  allow  for  connection  to  %”  stainless  steel 
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Figure  4-9:  Vaporizer  Assembly  Schematic 
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tubing.  Heat  was  supplied  to  each  vaporizer  by  a flexible  electrically  resistive  heating 
element  (heat  tape)  that  was  wrapped  around  the  vaporizer  tube  as  shown  in  Figure  4-9. 
The  dimensions  and  power  rating  of  each  heat  tape  used  are  shown  in  the  figure  and  in 
Table  4-3,  which  shows  some  of  the  design  details  for  the  vaporizer  assembly.  Four  type- 
K thermocouples  were  used  at  the  approximate  locations  shown  on  the  figure  to  monitor 
the  outside  surface  temperature  of  the  vaporizer  (SW  and  SM)  as  well  as  the  temperature 
of  the  fluid  exiting  each  vaporizer  (W  and  M).  Pipe-wrap  type  insulation  was  used  to 
insulate  all  exposed  surfaces  and  minimize  heat  loss  to  the  environment.  The  insulation 
was  composed  of  ceramic  fibers  and  was  wrapped  in  a thickness  of  approximately  14”. 
Fluid  exiting  the  vaporizer  assembly  proceeded  either  to  the  superheater  section  during 
experimentation  or  to  the  exhaust  during  periods  of  start-up,  which  was  controlled  by 
high-temperature  needle  valves  at  the  locations  shown  in  Figure  4-2. 


Table  4-3:  Vaporizer  Details 


Parameter 

Water 

Methanol 

Heat  Supply 

flexible  electrically 
resistive  heat  tape 

flexible  electrically 
resistive  heat  tape 

Power  Rating 

624  W/  no  VAC 

468  W/ 110  VAC 

Max  Surface 
Temperature 

500°C 

500°C 

Max  Flow  Rate® 

@ 300°C  (estimated) 

9 ml/min 

1 3 ml/min 

^based  on  liquid  flow  rate 


Superheater  assembly 

The  superheater  section  was  designed  to  ensure  that  fluid  entering  the  reactor  was 
at  the  desired  reaction  temperature.  A schematic  of  the  superheater  section  is  shown  in 
Figure  4-10.  The  construction  of  the  superheater  section  was  similar  to  that  of  the  reactor. 
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as  it  was  constructed  of  a 15”  length  of  schedule  40  - V4”  stainless  steel  pipe.  The  pipe 
was  sealed  at  each  end  using  a hex  cap  assembly  similar  to  that  in  the  reactor  assembly, 
although  in  this  case  the  ability  to  remove  the  cap  was  not  required.  At  the  inlet  of  the 
superheater  was  a union  tee  with  one  side  coming  from  the  vaporizers  and  the  other  from 
the  CO2  purge  system  described  previously.  A check  valve  was  placed  on  the  CO2  purge 
side  to  prevent  reactant  flow  from  the  vaporizer  assembly  from  being  diverted  into  the 
tubing  used  for  the  CO2  purge  system  during  experimentation.  At  the  exit  of  the 
superheater  the  outlet  tube  was  recessed  as  shown  in  Figure  4-10  to  prevent  blockage  of 
the  superheater  exit.  Heat  was  supplied  by  a 400W  12’  long  ceramic-beaded  electrically 
resistive  heater  that  was  wrapped  around  the  superheater  pipe  in  the  fashion  shown  in 
Figure  4-10.  Pipe-wrap  insulation  like  that  used  on  the  vaporizer  assembly  was  also  used 
to  insulate  the  superheater  assembly,  in  an  approximate  thickness  of  1”.  A single  type-K 
thermocouple  (SS)  monitored  the  outside  surface  of  the  superheater  at  the  approximate 
location  shown.  Table  4-4  lists  some  of  the  design  details  of  the  superheater  assembly. 


Table  4-4:  Superheater  Details 


Parameter 

Water 

Heat  Supply 

flexible  electrically  resistive 
ceramic-beaded  heater 

Power  Rating 

400  W/  no  VAC 

Max  Surface 
Temperature 

1000°C 

Sub-System  Integration 

Each  of  the  sub-systems  described  were  connected  using  either  Vi”  stainless  steel 
of  flexible  tubing.  Over  the  course  of  experimentation,  several  different  configurations  of 
the  different  sub-systems  were  used,  depending  on  the  experimentation  being  done  at  the 


Figure  4-10:  Superheater  Assembly  Schematic 
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time.  Figure  4-2,  for  instance,  illustrates  a general  rig  setup  during  “non-premix” 
configuration,  as  each  reactant  was  pumped  separately  to  each  respective  vaporizer. 
Figure  4-8  illustrates  the  rig  configuration  during  reduction  mode,  where  a controlled 
mixture  of  hydrogen  and  nitrogen  was  piped  to  the  water  vaporizer,  and  the  inlet  to  the 
methanol  vaporizer  was  capped. 

In  addition  to  these  two  modes  of  operation,  a “premix”  mode  was  required 
during  some  phases  of  experimentation.  This  setup  is  illustrated  in  Figure  4-1 1.  In  this 
configuration  a premixed  feedstock  of  water  and  methanol  was  pumped  to  the  water 
vaporizer  using  a single  pump,  while  the  inlet  to  methanol  vaporizer  was  capped.  This 
setup  allowed  for  more  precise  control  of  the  ratio  of  the  reactant  specie. 


/■  q'\ 

scale 


capped 


to  exhaust 
or  condensing  unit 


Figure  4-11:  Premixed  Component  Configuration 
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Control  Signals  and  Strategy 

The  general  setup  for  control  of  the  experimental  rig  is  shown  in  Figure  4-12.  The 
reformer  rig  itself  (the  hardware  described  up  to  this  point  in  this  chapter)  received  one 
set  of  input  signals  in  the  form  of  electrical  supply  for  each  of  the  heating  elements.  The 
reformer  rig  had  one  set  of  output  signals  in  the  form  of  thermocouple  voltages.  The  rig 
input  signals  were  ultimately  controlled  by  rig  output  signals  through  data  acquisition 
hardware,  control  software,  and  a power  distribution  unit. 

Data  Acquisition  Hardware 

Thermocouple  signal  acquisition.  Two  lOtech  DBK52®  Thermocouple 
Acquisition  Boards  were  used  to  read  voltage  signals  from  the  array  of  thermocouples 
present  on  the  reforming  rig.  Each  unit  was  capable  of  receiving  fourteen  separate 
signals,  and  used  a built  in  calibrated  thermistor  to  provide  a reference  temperature 
signal. 

Digital  output  module.  An  lOtech  DBK24®  Digital  Output  Module  was  used 
provide  digital  signals  required  for  operation  of  the  power  distribution  unit.  Commands 
received  by  the  computer  interface  hardware  controlled  the  operation  of  any  one  of 
twenty-four  optically  isolated  switches  present  in  the  unit.  These  switches  were  used  to 
control  the  operation  of  a control  relay,  as  described  in  a subsequent  section. 

Computer  interface  hardware.  An  lOtech  Daqbook  220®  was  used  to  coordinate 
input  and  output  between  the  control  computer  and  the  data  acquisition  hardware.  Analog 
signals  were  received  from  the  DBK52  and  sent  to  the  control  computer.  Similarly, 
digital  signals  were  received  from  the  computer  and  sent  to  the  DBK24. 
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Control  computer.  A typical  desktop  personal  computer  (Pentium®  III  450MHz) 
was  used  to  run  control  software,  receive  and  translate  thermocouple  signals,  transmit 
output  signals,  and  store  experimental  data. 

Power  Distribution  Unit 

The  Power  Distribution  Unit  (PDU)  eontrolled  the  operation  of  all  heating 
elements.  The  PDU  housed  a bank  of  solid  state  relays,  with  each  heating  element  having 
it’s  own  respective  relay.  A schematic  of  the  circuit  used  to  control  each  heating  band  is 
shown  in  Figure  4-13.  The  sensing  side  of  each  relay  consisted  of  a 5V  power  supply  in 
series  with  an  optically  isolated  switch,  which  was  controlled  by  a signal  from  the  digital 
output  module  described  previously.  The  control  side  of  the  relay  conneeted  a 1 lOVAC 
source  in  series  with  a power  meter  and  the  respective  heating  element.  A switchboard 
(not  shown)  allowed  for  a single  power  meter  to  monitor  each  of  the  heating  elements 
one  at  a time. 

Control  Software 

Computer  control  code  was  developed  using  Labview®  software.  The  program 
that  was  developed  allowed  for  rig  input  in  the  form  of  thermocouple  signals,  and  rig 
output  in  the  form  of  digital  control  signals.  It  also  carried  out  thermocouple  signal 
interpretation,  data  logging,  and  data  storage  operations. 

In  an  attempt  to  maintain  nearly  isothermal  reactor  operation,  several  different 
heating  element  control  techniques  were  utilized.  The  first  control  method  was  a simple 
thermostatic  control.  Each  of  the  thermocouples  on  the  rig  acted  as  a control  signal  for  a 
specific  heating  element,  as  summarized  in  Table  4-5.  As  shown  in  the  table,  operation  of 
each  heating  element  was  determined  by  two  separate  temperature  readings.  The  surface 
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Figure  4-12:  System  Control  Setup 


Figure  4-13:  Heating  Element  Control  Circuit 
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temperature  set-point  at  each  location  was  determined  corresponding  to  approximately 
70%  of  the  maximum  allowable  temperature  rating  for  each  heating  element.  While  the 
value  used  (70%)  was  arbitrary,  this  measure  was  intended  to  prevent  overheating  (and 
possible  failure)  of  any  of  the  heating  elements.  The  fluid  temperature  at  each  location 
was  set  at  the  desired  reaction  temperature. 


Table  4-5:  Thermocouple  Control  Assignments 


Heating  Element 

Fluid  TC  Control 

Surface  TC  Control 

W 

W 

SW 

M 

M 

SM 

S 

1 

SS 

1 

2 

SI  & S2 

2 

3 

S2&  S3 

3 

4 

S3&S4 

4 

5 

S4&S5 

5 

6 

S5  & S6 

6 

7 

S6&S7 

Note:  nomenclature  referred  to  Figures  4-3,  4-9  and  4-10 


In  addition  to  thermostatic  control,  temperature  changes  over  time  were 
monitored  and  analyzed.  The  rate  of  change  of  temperature  (AT/At)  was  used  1)  as  a 
static  set-point  that  controlled  the  rate  of  temperature  increase  in  the  reactor,  and  2)  to 
anticipate  temperature  changes  and  effectively  dampen  oscillations  about  the  thermostatic 
set-point.  For  instance,  when  AT/At  approached  zero,  it  was  assumed  that  the  direction 
(positive  or  negative)  of  temperature  change  was  about  to  reverse.  This  assumption  was 
proven  to  be  true  over  the  course  of  experimentation,  and  allowed  for  improved  control 
of  the  reactor  heating  elements  by  turning  heating  elements  on  or  off  prior  to  the  set-point 
depending  on  the  rate  and  direction  of  temperature  change. 
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The  final  control  mechanism  for  the  heating  elements  was  pulsating  the  control 
signal  in  order  to  limit  the  time  that  any  given  heating  element  could  be  in  the  “on” 
position.  This  measure  effectively  limited  the  energy  transfer  from  the  heating  element  to 
the  rig.  This  was  accomplished  by  introducing  a step  function  that  was  a user-specified 
percentage  of  a fixed  time  interval.  For  example,  if  the  user  were  to  set  a 20%  pulse  over 
a 10-second  period,  the  pulse  function  would  be  “on”  2 seconds,  “off’  8 seconds,  and 
then  repeat.  This  tool  was  especially  useful  during  periods  of  non-reforming,  as  the 
energy  requirements  to  maintain  rig  temperature  were  considerably  lower. 

The  cumulative  effect  of  the  control  techniques  discussed  in  this  section  is 
summarized  in  Figure  4-14.  Temperature  data  presented  in  Chapter  6 indicates  that  the 
control  of  the  heating  elements  in  consideration  of  the  goal  of  isothermal  operation  was 
for  the  most  part  successful. 


Figure  4-14;  Heating  Element  Control  Logic 
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Summary 

The  result  of  the  design  presented  in  this  chapter  was  an  experimental  steam- 
reforming rig  that  is  both  versatile  and  praetical.  The  design  allowed  for  a wide  range  of 
operating  conditions,  but  also  was  accommodating  for  repairs  and  maintenance  to  be 
timely  in  the  event  of  component  failure.  The  reactor  incorporated  into  the  design 
allowed  for  replacement  of  the  catalyst  bed  and  was  designed  to  emulate  the  plug  flow 
model  as  much  as  possible.  In  many  ways,  the  steam  reforming  system  that  was 
constructed  based  on  this  design  was  ideal  for  performing  a parametric  study  of 
operational  variables  that  might  impact  the  steam  reforming  process. 


CHAPTER  5 

EXPERIMENTAL  METHOD 


The  objective  of  this  research  was  to  investigate  the  effect  of  various  hydrocarbon 
impurities  on  the  methanol  steam-reforming  process.  To  that  end,  experimental  data  was 
required  for  analysis  that  would  allow  conclusions  to  be  derived  regarding  various 
aspects  of  the  overall  process.  The  following  chapter  addresses  data  acquisition 
techniques  using  the  experimental  rig  described  in  Chapter  4.  Included  are  the  different 
parameters  that  were  measured  and  recorded,  the  type  of  equipment  used  to  accomplish 
this  task,  and  an  outline  of  the  plans  and  procedures  used  during  experimentation. 

Acquisition  Tools 

The  following  section  describes  hardware  that  was  used  to  measure  various 
quantities  during  the  course  of  experimentation. 

Temperature 

Accurate  temperature  measurement  was  a critical  aspect  of  experimental  protocol, 
both  for  data  collection  purposes,  and  control  of  experimental  hardware.  Data  acquisition 
hardware  was  used  to  read  signals  from  type-K  thermocouples  located  throughout  the 
experimental  rig,  the  positions  of  which  are  outlined  in  Chapter  4.  Due  to  variations  in 
the  ground  state  between  the  actual  rig  and  the  data  acquisition  hardware,  the 
thermocouples  used  were  ungrounded.  This  was  done  to  prevent  over-voltage  and 
possible  damage  to  data  acquisition  equipment.  lOtech  DBK52®  units  were  used  to 
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receive  the  thermocouple  signals  and  transmit  to  the  control  computer.  Software  provided 
from  the  manufacturer  converted  the  incoming  voltage  signal  to  a temperature  reading. 
Each  of  the  units  was  factory  calibrated,  which  allowed  for  relatively  simple 
implementation. 

Pressure 

The  measurement  of  reactor  pressure  was  only  necessary  to  confirm  the 
assumption  of  near  atmospheric  pressure  conditions.  Since  there  was  no  reason  to  expect 
any  other  condition,  a simple  Bourdon  tube  mechanical  gauge  was  used  to  measure 
pressure  when  required.  Pressure  was  measured  at  gas  sampling  ports  using  a 
quick-connect  fitting  arrangement. 

Flow  Rate 

Accurate  measurement  of  reactant  flow  rate  was  very  important  to  ensure  the 
accuracy  of  subsequent  data  reduction  calculations.  Originally,  the  use  of  peristaltic 
pumps  was  designed  to  allow  for  monitoring  of  water  and  methanol  flow  rates.  However, 
it  was  found  through  experience  that  the  calibration  of  the  pumps  was  very  difficult,  for 
several  reasons.  First,  the  flexible  tubing  used  in  the  pumps  had  a tendency  to  heat  up 
over  extended  periods  of  operation,  which  resulted  in  changes  in  the  fluid  temperature, 
and  therefore  fluid  density.  Since  the  pump  is  a positive  displacement  device,  the 
calibrated  flow  rate  is  volumetric.  Consequently,  the  problem  of  determining  the  mass 
flow  rate  of  a volumetric  flow  device  with  fluid  density  that  changes  over  time  is 
apparent.  In  addition  to  heating,  the  flexible  tubing  had  a tendency  to  deform  over  time. 
This  resulted  in  changes  in  the  actual  volume  displaced  with  each  rotation  of  the  pump 
rollers.  While  this  effect  was  small,  after  extended  periods  of  operation,  a significant 
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change  in  flow  rate  could  develop  even  though  the  pump  speed  was  constant.  For  the 
reasons  described,  the  flow  rate  indicated  by  the  pump  display  was  taken  to  be  an 
estimate  only.  In  order  to  more  accurately  measure  the  flow  rate,  a more  direct 
measurement  technique  of  mass  flow  rate  was  utilized. 

The  mass  flow  rate  was  determined  using  a digital  scale  that  measured  the  mass  of 
each  reactant  reservoir.  By  measuring  the  change  in  mass  of  the  reservoir  over  time,  an 
accurate,  albeit  time-averaged,  mass  flow  rate  could  be  determined.  This  method  of  data 
collection  was  possible  because  of  the  steady-state  nature  of  the  experimentation.  That  is, 
the  experimental  rig  was  allowed  to  reach  steady  operating  conditions  before  data  was 
taken.  By  taking  this  approach,  the  assumption  could  be  made  that  the  average  mass  flow 
rate  would  be  close  to  the  instantaneous  flow  rate  at  any  moment  over  the  measured  time 
period.  The  digital  scale  used  for  reservoir  measurement  was  factory  calibrated.  In  any 
case,  only  changes  in  mass  were  recorded,  so  the  absolute  accuracy  of  the  scale  was  of 
little  consequence. 

Liquid  Density  & Mass 

Liquid  density  measurements  were  required  to  determine  the  concentration  of 
methanol  in  a methanol-water  solution.  A liquid  density  meter  was  used  for  this  purpose. 
The  instrument  was  calibrated  using  carefully  prepared  mixtures  of  methanol  and  water, 
and  the  resulting  calibration  curve  can  be  seen  in  Figure  5-1.  Included  on  Figure  5-1  is  a 
linear  fit  to  the  calibration  data.  The  liquid  density  of  some  liquids  used  during 
experimentation  is  summarized  in  Table  5-1. 
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Table  5-1:  Various  Liquid  Densities 


Liquid  (a)  24°C 

Density  (g/ml) 

Pure  Methanol 

0.7977 

Pure  Deionized  Water 

0.9974 

1.5  moles  H20:l  mole  CH3OH  Solution 

0.9075 

Gas  Chromatography 

Gas  samples  were  analyzed  for  specie  composition  and  content  using  a SRI  model 
8610-C  gas  chromatograph.  The  unit  was  computer  controlled  using  software  supplied  by 
the  manufacturer.  The  following  section  details  the  setup  and  operation  of  the  gas 
chromatograph. 

Carrier  gas.  Two  different  types  of  carrier  gas  were  used  during  operation  of  the 
gas  chromatograph.  Helium  was  used  primarily,  with  the  only  exception  being  when  it 
was  necessary  to  detect  hydrogen  in  the  sample  gas.  In  that  case,  nitrogen  was  used  as  a 
carrier  gas.  This  modification  was  necessary  due  to  the  similarity  in  thermal  conductivity 
of  hydrogen  and  helium.  If  helium  is  used  as  a carrier  to  detect  hydrogen,  the  small 
difference  in  thermal  conductivity  results  in  a detector  reading  that  is  difficult  to  resolve. 
Unfortunately,  a similar  phenomenon  occurs  for  gases  such  as  O2,  CO  and  CO2  when 
using  nitrogen  as  a carrier.  Since  no  single  carrier  gas  is  appropriate  for  detection  of  all  of 
the  species  being  considered,  it  is  not  practical  to  measure  their  content  simultaneously 
using  a single  chromatograph. 

Injection.  Injection  of  the  gas  sample  was  simplified  by  the  automated  metering 
system  present  in  the  gas  chromatograph.  Upon  drawing  40-50  ml  of  the  sample  gas  into 
the  unit,  a 1ml  portion  of  the  sample  maintained  at  100°C  was  injected  into  the  carrier  gas 
via  an  automated  valve  system.  A small  mechanical  pressure  gauge  was  attached  to  the 
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column  to  ensure  the  sample  was  at  atmospheric  pressure.  This  system  ensured  negligible 
error  in  sample  density  between  one  sample  and  the  next. 

Species  separation.  Separation  of  species  was  accomplished  using  a dual  column 
in  series  configuration.  A 6’  silica  gel  column  in  combination  with  a molecular  sieve 
allowed  for  separation  of  all  relevant  species.  The  mole  sieve  separated  lighter  specie 
(H2,  02,  N2,  CH4,  CO),  while  the  silica  gel  column  held  higher  molecular  weight  specie 
and  released  them  according  to  column  temperature.  For  this  reason,  a temperature 
program  like  that  shown  in  Figure  5-2  was  used  to  resolve  species  from  the  silica  gel 
column.  Also  shown  on  Figure  5-2  is  the  approximate  retention  time  associated  with  each 
species,  which  were  determined  using  calibrated  gas  samples. 

Detectors.  The  gas  chromatograph  utilized  a Thermal  Conductivity  Detector 
(TCD)  and  a Flame  Ionization  Detector  (FID).  The  TCD  was  used  for  detecting  species 
in  quantities  greater  than  0.1%  by  volume,  while  the  FID  was  used  for  detecting  trace 
quantities  as  low  as  lOppm.  A methanizer  was  used  prior  to  the  FID  to  convert  potentially 
undetectable  specie  into  methane,  which  is  easily  detectable  by  ionization  methods. 

GC  calibration.  The  gas  chromatograph  was  calibrated  for  specie  similar  to  those 
expected  from  the  methanol  steam-reforming  process.  Calibration  gases  were  utilized  for 
CO2  in  the  range  of  20%  to  25%  by  volume,  while  CO  was  calibrated  for  the  range  of  0% 
to  5%.  Trace  hydrocarbons  were  calibrated  for  the  FID  in  the  range  of  10  to  lOOppm. 
Since  hydrogen  could  not  be  calibrated  using  helium  as  a carrier  gas,  a nitrogen  carrier 
was  used  to  calibrate  for  the  range  of  0%  to  5%  hydrogen  by  volume.  This  was  required 
to  ensure  a proper  hydrogen  concentration  for  use  during  the  reduction  of  the  catalyst. 
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Figure  5-1 ; Methanol- Water  Solution  Calibration 


Figure  5-2:  Gas  Chromatograph  Species  Separation 
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Power 

Power  consumption  by  each  of  the  heating  elements  was  measured  using  a digital 
wattmeter.  Current  and  voltage  were  measured  simultaneously  in  the  device,  and  the 
product  was  displayed  as  the  power.  The  heating  elements  used  were  purely  resistive,  so 
the  power  correction  factor  was  assumed  to  be  unity.  A benchtop  multimeter  was  used  to 
zero  the  wattmeter  and  ensure  the  device  was  working  properly. 

Experimental  Procedures 

In  order  to  promote  the  repeatability  of  experimentation,  standardized  procedures 
were  developed  for  each  stage  of  the  process.  The  following  section  outlines  those 
procedures. 

Cold  Startup 

Cold  startup  specified  the  process  of  heating  the  reactor  and  superheater  assembly 
from  room  temperature  up  to  operating  conditions.  During  the  process,  the  vaporizer 
assembly  was  not  in  operation.  In  an  attempt  to  reduce  sintering  effects  that  can  be 
associated  with  rapid  heating  or  cooling  of  the  catalyst  pellets,  care  was  taken  to  regulate 
the  rate  at  which  the  reactor  was  allowed  to  heat  up.  A “virtual”  control  panel  that  was 
developed  using  Labview®  software  and  displayed  on  the  control-computer  monitor  was 
used  to  control  the  operation  of  each  heating  element.  Table  5-2  summarizes  all  of  the 
settings  used  on  this  control  panel  during  the  cold  startup  process. 

The  values  shown  in  Table  5-2  were  established  on  a trial  and  error  basis  during 
the  early  stages  of  the  experimental  process.  It  was  found  that  using  these  values  resulted 
in  a startup  that  was  repeatable,  timely,  and  resulted  in  a heating  rate  that  was  compatible 
with  catalyst  specifications.  It  should  be  noted  that,  for  operational  temperatures  greater 
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than  300°C,  this  procedure  would  have  to  be  modified  to  account  for  increased  energy 
requirements.  Cold  startup  mode  was  considered  complete  when  heat  bands  1 through  6 
reached  the  thermostatic  setpoint. 


Table  5-2:  Cold  Startup  Mode  Control  Panel  Settings 


Heating 

Element 

Thermostat 

(°C) 

Surface  Temp 
(°C) 

Slope 

(°C/min) 

Pulse 

(%  of  time  on) 

Water‘d 

N/A 

N/A 

N/A 

N/A 

Methanol® 

N/A 

N/A 

N/A 

N/A 

Superheater 

up  to  300 

200 

10.0 

50 

Zone  1 

up  to  300 

300 

1.0 

30 

Zone  2 

up  to  300 

300 

1.0 

20 

Zone  3 

up  to  300 

300 

1.0 

20 

Zone  4 

up  to  300 

300 

1.0 

20 

Zone  5 

up  to  300 

300 

1.0 

20 

Zone  6 

up  to  300 

300 

1.0 

30 

^water  and  methanol  heaters  are  off,  therefore  settings  are  not  applicable  (N/A) 


Catalyst  Reduction 

Proper  and  repeatable  reduction  of  the  catalyst  was  essential  to  ensure  similar 
activity  levels  between  two  different  catalyst  charges  (loadings).  In  comparing  one  set  of 
experimental  data  using  one  catalyst  load  to  another  set  of  data  using  a different  catalyst 
load  is  the  inherent  assumption  that  the  initial  level  of  activation  for  each  catalyst  bed 
was  equal.  Accordingly,  the  following  procedure  was  developed  in  an  attempt  to 
standardize  the  reduction  process. 

Flowmeter  calibration.  Separate  “rotameter”  type  flowmeters  equipped  with  an 
adjustable  needle  valve  were  used  to  control  nitrogen  and  hydrogen  flow  used  during  the 
reduction  process.  A hydrogen  volume  fraction  of  1%  to  approximately  12%  was 
required  to  reduce  the  catalyst  according  to  manufacturers’  specifications.  Mixtures  of 
hydrogen  and  nitrogen  were  calibrated  using  the  gas  chromatograph  utilizing  a nitrogen 
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carrier  gas.  The  results  of  these  calibration  experiments  are  summarized  in  Table  5-3. 
During  reduction,  the  catalyst  manufacturer  recommends  a space  velocity  for  the  inert 
gas  (nitrogen)  of  around  300hr‘'  normalized  to  298K  and  latm.  This  is  to  ensure  proper 
hydrogen  distribution  as  well  as  prevent  possible  overheating  of  the  catalyst  bed,  as  the 
reduction  reaction  is  exothermic.  Accordingly,  a space  velocity  was  calculated  for  the 
nitrogen  gas  using  the  factory  calibration  values  for  the  nitrogen  flowmeter.  At  a 
flowmeter  setting  of  150,  the  nitrogen  flow  corresponded  to  a space  velocity  of  about 
290hr'’  for  the  reactor  used  for  this  research. 


Table  5-3:  Hydrogen  Flowmeter  Calibration 


Hydrogen  Flowmeter  Reading 

% Hydrogen  by  Volume^* 

10 

0.45 

20 

0.88 

30 

1.30 

40 

1.93 

50 

2.73 

70 

4.34 

90 

6.42 

150 

11.8 

‘‘nitrogen  flowmeter  set  at  150;  supp 

y pressure  10  psig 

Operating  conditions.  The  catalyst  manufacturer  suggests  that  the  volume  of 
hydrogen  required  to  complete  reduction  is  approximately  200Nm  (normal  m ) per  m of 
catalyst.  In  addition,  a maximum  hydrogen  fraction  of  2. 0-2. 5%  by  volume  is 
recommended  for  the  reduction  mixture.  At  a fraction  of  2.3%  hydrogen  by  volume 
(corresponding  to  a reading  of  45  on  the  hydrogen  flowmeter),  and  a space  velocity  of 
290hr'’  (corresponding  to  a reading  of  150  on  the  nitrogen  flowmeter),  the  calculated 
value  for  time  to  complete  the  reduction  was  approximately  30  hours.  This  calculated 
time  was  considered  the  minimum  time  required  to  complete  the  reduction  process.  For 


good  measure,  an  additional  ten  hours  were  added  to  the  reduction  time  in  an  attempt  to 
activate  as  many  catalytic  sites  as  possible.  This  phase  of  the  reduction  process  was 
carried  out  at  a bed  temperature  of  180°C,  as  per  manufacturers’  instructions. 

After  the  initial  40-hour  reduction  period,  a two-hour  period  of  higher  hydrogen 
concentration  and  higher  temperature  was  used  in  an  attempt  to  reduce  any  “stubborn” 
catalytic  reaction  sites.  After  elevating  the  reactor  temperature  to  210°C,  the  hydrogen 
fraction  was  elevated  to  around  6.5%  (a  reading  of  90  on  the  hydrogen  flowmeter)  and 
maintained  for  one  hour.  Also  at  210°C,  the  final  step  in  the  reduction  process  was  an 
increase  in  hydrogen  fraction  to  nearly  12%  (150  on  the  flowmeter),  which  was  also 
maintained  for  one  hour.  The  complete  reduction  process  is  summarized  in  Table  5-4. 
Cold  startup  procedures  were  used  to  elevate  and  maintain  the  catalyst  bed  at  the  desired 
operation  temperature  during  the  reduction  process.  Upon  completion  of  catalyst 
reduction,  the  rig  was  maintained  in  idle  mode  until  experimentation  could  begin. 


Table  5-4:  Reduction  Process  Summary 


Time 

(hours) 

Temperature 

(°C) 

% H2  by 

Volume 

H2  Flowmeter 
Reading 

N2  Flowmeter 
Reading 

0-40 

180 

2.3 

45 

150 

40-41 

210 

6.5 

90 

150 

41-42 

210 

12 

150 

150 

Idle 

Because  of  catalyst  degradation  that  can  result  from  thermal  cycling,  it  was 
desirable  to  maintain  an  elevated  temperature  in  the  catalyst  bed  even  during  periods  of 
non-experimentation.  During  idle  mode,  heating  elements  were  controlled  by  computer 
software,  similar  to  cold  startup  mode.  Table  5-5  summarizes  software  control  settings 
used  during  idle  mode. 
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Table  5-5;  Idle  Mode  Control  Pane 

Settings 

Heating 

Element 

Thermostat 

(°C) 

Surface  Temp 
(°C) 

Slope 

(°C/min) 

Pulse 

(%  of  time  on) 

Water" 

N/A 

N/A 

N/A 

N/A 

Methanol" 

N/A 

N/A 

N/A 

N/A 

Superheater 

up  to  300 

200 

10.0 

50 

Zones  1-6 

up  to  300 

300 

0.1 

20 

Vater  and  methanol  heaters  are  off,  therefore  settings  are  not  applicable  (N/A) 


Shutdown 

Complete  shutdown  of  the  rig  was  only  performed  in  the  case  of  catalyst 
replacement,  rig  repair,  or  extended  periods  where  no  testing  was  anticipated.  The 
shutdown  process  was  simply  a matter  of  switching  off  all  heating  elements  and 
accessories  at  the  computer,  followed  by  disconnecting  all  power  to  the  rig  at  the  circuit 
breaker.  Degradation  of  the  catalyst  due  to  rapid  temperature  changes  was  not  considered 
a factor  during  the  shutdown  process,  as  the  insulated  reactor  assembly  cooled  at  a 
sufficiently  low  rate  to  prevent  damage  to  the  catalyst. 

Experimental  Run 

A majority  of  useful  experimental  data  was  collected  during  experimental  run 
mode.  For  this  reason,  a detailed  plan  of  execution  was  required  to  facilitate  repeatability 
from  one  run  to  the  next.  The  experimental  run  mode  was  comprised  of  three  separate 
“sub-modes”,  including  startup,  data  collection,  and  shutdown. 

Startup.  Startup  for  the  experimental  run  was  designed  to  allow  for  heatup, 
vaporization,  and  stabilization  of  the  reactant  mixture  before  taking  experimental  data.  A 
“cookbook”  procedure  was  developed,  with  action  times  indicated  in  parenthesis  (hnmin) 


as  required. 
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1)  Prepare  methanol-water  premix  (if  required).  Adjust  density  of  premix  to 
within  0.0005  g/ml  of  target  density  (0.9075g/ml  for  1.5:1  H20:C  ratio). 

2)  Set  up  tubing  in  pump(s),  dial  in  flow  rate  setpoint. 

3)  Set  up  ice-bath  condenser  and  plug  in  refrigeration  unit. 

4)  Check  valve  settings  such  that  vaporizers  dump  directly  to  exhaust,  and  that 
superheater  and  reactor  assembly  are  closed  off. 

5)  On  software  control  panel,  use  settings  detailed  in  Table  5-6. 


Table  5-6:  Experimental  Startup  Mode  Control  Panel  Settings 


Heating 

Element 

Thermostat 

(°C) 

Surface  Temp 
(°C) 

Slope 

(°C/min) 

Pulse 

(%  of  time  on) 

Water 

Up  to  300 

Auto® 

Auto® 

Auto® 

Methanol 

Up  to  300 

Auto® 

Auto® 

Auto® 

Superheater 

Up  to  300 

250 

10.0 

100 

Zone  1 

Up  to  300 

300 

0.1 

100 

Zone  2 

Up  to  300 

300 

0.1 

100 

Zone  3 

Up  to  300 

300 

0.1 

100 

Zone  4 

Up  to  300 

300 

0.1 

100 

Zone  5 

Up  to  300 

300 

0.1 

100 

Zone  6 

Up  to  300 

300 

0.1 

100 

® “Auto”  was  a sol 

fware  controlled  temperature  program  that  controlled  operation  of  th 

heat  tape  and  the  peristaltic  pump  during  startup.  This  feature  was  activated  using  a 
switch  built  into  the  control  panel. 


6)  (0:00)  Turn  on  vaporizers,  pumps. 

7)  Start  the  gas  chromatograph  and  run  once  using  a room  air  sample  (to  stabilize 
the  unit). 

8)  (0:25)  At  this  point,  vaporizer  should  be  fully  heated.  Make  the  changes  to 
control  panel  settings  indicated  in  Table  5-7. 
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9)  (0:30)  Begin  reforming  by  opening  superheater/reactor  assembly  valve  and 
closing  exhaust  dump  valve.  At  this  point,  reformate  should  be  dumped  to  the 
exhaust,  not  sent  to  the  condensing  unit. 


Table  5-7:  Control  Panel  Changes  at  Run  Time  25  Minutes 


Heating 

Element 

Thermostat 

(°C) 

Surface  Temp 
(°C) 

Slope 

(°C/min) 

Pulse 

(%  of  time  on) 

Water 

Up  to  300 

500 

80 

100 

Methanol 

Up  to  300 

500 

80 

100 

Superheater 

Up  to  300 

300 

10.0 

100 

10)  (0:30)-(0:50)  Monitor  reformer  temperatures  during  stabilization  process. 

Data  collection.  Data  collection  began  at  a run  time  of  50  minutes.  This  phase  was 
initiated  by  changing  the  valve  configuration  to  allow  reformate  to  proceed  to  the 
condensing  unit  instead  of  directly  to  the  exhaust.  The  duration  of  each  experimental  run 
was  1 20  minutes.  During  this  time,  the  control  software  automated  the  collection  and 
storage  of  rig  temperatures.  In  addition,  a history  of  the  operation  of  each  heating  element 
was  reeorded.  Two  separate  gas  samples  were  taken,  and  subsequently  analyzed,  at  30 
minutes,  and  at  1 hour  and  30  minutes,  into  the  two-hour  experimental  run.  At  the  end  of 
two  hours,  reformate  was  channeled  back  to  the  exhaust,  which  allowed  for  collection  of 
condensate  from  the  condensing  unit.  Table  5-8  summarizes  data  taken  during  the  data 
collection  phase. 

Shutdown.  At  the  conclusion  of  an  experimental  run,  the  power  for  each  heat 
band  (1-6)  was  measured  using  the  wattmeter  and  recorded.  This  was  done  at  operational 
temperatures  since  a change  in  temperature  would  change  the  resistive  properties,  and 
therefore  the  power  requirements,  of  each  heat  band.  After  taking  these  measurements, 
the  control  panel  was  set  to  resume  idle  conditions  (Table  5-5).  Finally,  the  entire  system 
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was  purged  using  CO2,  and  the  reactor  section  was  closed  off  so  as  to  maintain  an  inert 
environment. 


Table  5-8:  Data  Taken  During  Experimental  Run 


Data 

Time  Taken 

Notes 

Instantaneous 

Temperature 

user  specified  interval, 
typically  every  1 minute 

Average 

Temperature 

user  specified  interval, 
typically  every  1 minute 

time  averaged  temperature 
over  length  of  run 

Heating  Element 
Operational  History 

user  specified  interval, 
typically  every  1 minute 

time  “on”  expressed  as  a 
fraction  of  the  total  run 
time 

Heating  Element 
Operational  History 
(User  Specified) 

user  specified  interval, 
typically  every  1 minute 

time  “on”  expressed  as  a 
fraction  of  some  user 
defined  time  increment 

Reformate 
Gas  Sample 

0:30  and  1 :30  into  run 

analyzed  in  GC 
immediately 

Collected 

Condensate 

2:00,  i.e.  end  of  run 

measured  for  total  mass 
and  density 

Comprehensive  Plan 

Outlined  in  the  preceding  sections  are  the  different  procedures  used  over  the 
course  of  experimentation.  The  integration  of  each  of  these  stages  is  illustrated  in  Figure 
5-3,  which  shows  a flow  chart  of  the  various  procedures  described. 


Figure  5-3:  Experimental  Procedure  Plan 


Experimental  Plan 

An  experimental  plan  was  developed  and  proeeeded  in  two  distinct  stages.  The 
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initial,  or  procedural,  phase  of  experimentation  was  used  to  determine  the  limitations  and 
nuance  of  the  experimental  rig.  The  second,  or  data  collection,  phase  of  experimentation 
was  developed  to  obtain  experimental  data  that  could  be  further  analyzed  in  consideration 
of  the  research  objectives. 

Procedural  Phase 

The  procedural  phase  of  experimentation  was  for  the  most  part  unstructured  and 
progressed  on  a trial  and  error  basis.  The  first  series  of  tests  were  intended  to  confirm  that 
the  rig  was  operational  and  actually  capable  of  reforming  methanol.  Once  marginal  rig 
operation  was  verified,  debugging  of  the  data  acquisition  and  control  systems  was 
completed.  With  the  rig  fully  operational,  the  limitations  of  the  experimental  hardware 
were  determined,  including  maximum  flow  rates  and  temperatures  for  various 
components,  such  as  the  vaporizers  and  the  reactor  assembly.  After  defining  the  operating 
characteristics  of  the  rig,  experimentation  was  conducted  to  develop  experimental 
procedures  and  protocol.  All  of  the  procedures  detailed  in  the  preceding  section  were 
developed  as  a result  of  experimentation  conducted  during  the  procedural  phase  of 
experimentation. 

Data  Collection  Phase 

The  data  collection  phase  of  experimentation  proceeded  along  two  lines  of 
investigation.  One  plan  was  developed  to  evaluate  only  chemical  grade  methanol  and 
establish  a database  that  could  be  compared  to  previously  published  research  as  well  as 
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data  obtained  using  contaminated  feedstock.  A second  plan  was  developed  to  research  the 
effect  of  several  specific  contaminants  on  the  reforming  process. 

Chemical  grade  experimentation.  All  chemical  grade  methanol  experimentation 
was  conducted  using  a 1.5:1  molar  ratio  of  water  to  methanol  feedstock.  ICI-Katalco  51-3 
low-temperature  shift  catalyst  was  used  during  all  phases  of  experimentation.  Two 
reaction  temperatures  were  investigated,  255°C  and  275°C,  both  at  near  atmospheric 
pressure.  Since  methanol  is  a liquid  at  room  temperature  and  pressure,  determining  a 
standard  for  the  gas  phase  of  methanol  is  problematic.  Because  of  this,  and  the  fact  that 
the  reaction  model  developed  was  based  on  the  decomposition  of  methanol  reaction,  a 
space  velocity  based  on  the  volumetric  flow  rate  of  liquid  methanol  was  utilized.  The 
range  of  space  velocities  used  during  the  course  of  experimentation  was  roughly  0.5hr‘' 
to  3.0hr''.  It  was  found  that  this  range  of  flow  rates  corresponded  to  the  region  were 
methanol  conversion  begins  to  decrease  for  the  reaction  temperatures  indicated.  That  is, 
at  a space  velocity  less  than  0.5hr’',  the  conversion  of  methanol  is  very  near  100%; 
greater  than  0.5hr'’,  conversion  levels  begin  to  diminish.  Since  future  investigation  would 
presumably  require  some  measurable  change  in  performance,  it  was  desirable  to  conduct 
experimentation  in  a region  where  any  degradation  effect  would  be  readily  apparent,  i.e. 
the  “drop  off’  point. 

In  order  to  minimize  the  impact  of  catalyst  degradation  during  chemical  grade 
methanol  experimentation,  the  cumulative  run  time  for  a single  catalyst  loading  was 
limited  to  60  hours.  One  study  [34]  has  suggested  that  the  effects  of  catalyst  degradation 
begin  to  become  apparent  only  after  at  least  1 00  hours  of  operation  using  chemical  grade 
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methanol.  This  suggests  that  for  this  research,  a negligible  level  of  catalyst  degradation 
can  be  assumed  over  the  course  of  chemical  grade  methanol  investigation. 

Contaminated  feedstock  experimentation.  The  operating  conditions  used  during 
experimentation  using  contaminated  feedstock  were  similar  to  those  using  chemical  grade 
feedstock.  There  were  no  changes  in  the  type  of  catalyst  used,  the  temperature  range 
used,  the  flow  rates  applied,  or  the  water  to  methanol  molar  ratio.  Three  different  types  of 
contaminants  were  used,  including  a lightweight  (Drakeol-10)  mineral  oil,  isooctane 
(CAS  540-84-1),  and  kerosene  (CAS  8008-20-6).  Mineral  oil  was  chosen  as  a 
contaminant  because  of  its  use  in  a specific  type  of  methanol  synthesis  from  coal  that 
utilizes  an  oil-catalyst  slurry.  This  process  can  result  in  small  quantities  of  mineral  oil  to 
be  present  in  the  methanol  product.  Isooctane  was  chosen  to  emulate  gasoline,  which 
could  undoubtedly  contaminate  methanol  reservoirs  during  storage  and/or  transport. 
Similarly,  kerosene  was  chosen  to  emulate  a higher  molecular  weight  hydrocarbon  such 
as  diesel  fuel.  While  it  was  understood  that  these  specie  are  a gross  simplification  of 
actual  gasoline  and  diesel  fuel,  the  use  of  “pump”  fuel  was  considered  unreasonable.  This 
was  due  to  the  unknown  composition,  as  well  as  the  variation  in  composition  depending 
on  location,  of  commercially  available  gasoline  or  diesel  fuel. 

Each  contaminant  species  was  examined  over  a range  of  concentrations.  The 
mineral  oil  was  evaluated  in  the  range  of  0.05%  to  0.5%  by  weight.  This  concentration 
was  determined  based  on  the  mass  of  methanol  only,  not  a premix  of  methanol  and  water. 
Isooctane  and  kerosene  were  evaluated  in  the  range  of  0.1%  to  1.0%  by  weight. 

Experimentation  using  each  contaminant  was  initiated  at  the  lowest  concentration 
so  that  any  effect  on  the  catalyst  would  be  gradual  in  occurrence.  After  completing  a 
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series  of  runs  at  one  concentration,  the  concentration  was  increased  and  a similar  round 
of  testing  was  eompleted.  After  completing  experimentation  of  a contaminant  at  several 
concentration  levels,  a series  of  chemical  grade  (non-contaminated  feedstock)  runs  were 
conducted  to  evaluate  the  potential  for  removal  of  contamination  from  the  catalyst  bed. 
Upon  completion  of  experimental  runs  for  each  contaminant,  the  reactor  was  dismantled, 
cleaned,  and  charged  with  a fresh  load  of  catalyst. 

Summary 

Accurate  and  timely  collection  of  data  was  required  to  allow  for  control  of  the 
experimental  rig  as  well  as  produce  useful  data  for  analysis.  The  implementation  of  the 
tools  presented  in  this  chapter  with  the  experimental  rig  presented  in  Chapter  4 resulted  in 
a comprehensive  experimental  system  capable  of  performing  parametric  studies  on  the 
methanol  steam-reforming  process.  Before  such  studies  could  begin,  however, 
experimental  procedures  had  to  be  developed  to  ensure  repeatability  between 
experimental  runs.  An  iterative  process  between  basic  rig  component  testing  and 
procedural  development  was  utilized  to  achieve  this  goal.  Finally,  with  a fully  operational 
experimental  rig  and  experimental  protocol  in  place,  an  experimental  plan  was  developed 
and  implemented  in  consideration  one  of  the  objectives  of  the  research,  namely,  to 
determine  the  effeet  of  hydrocarbon  impurities  on  the  methanol  steam-reforming  process. 


CHAPTER  6 

EXPERIMENTAL  DATA  REDUCTION 


The  following  chapter  describes  the  methods  and  the  limitations  of  experimental 
data  collection  and  reduction  used  for  this  research.  The  chapter  is  divided  into  four 
sections,  including  temperature  measurement,  reformate  condensate  properties,  reformate 
gas  properties,  and  power  measurement. 

Temperature  Measurement 

The  reaction  temperature  is  exponentially  related  to  the  reaction  rate  as  expressed 
by  the  Arrhenius  reaction  model.  This  emphasizes  the  necessity  of  accurately  monitoring 
and  controlling  reaction  temperature  in  order  to  determine  reaction  rate  based  on 
conversion  of  reactant  species.  Since  a perfectly  isothermal  reactor  is  not  possible  to 
obtain,  changes  in  the  temperature  of  the  reactor  in  time  and  space  must  be  considered  in 
the  analysis  of  experimental  results. 

Over  the  course  of  experimentation,  the  variation  in  temperature  from  point  to 
point  and  instant  to  instant  within  the  reactor  was  probably  the  single  largest  contributing 
factor  to  uncertainty  in  experimental  results.  Since  a single,  average  conversion  level  for 
the  reactor  was  being  measured  for  each  experimental  run,  fluctuations  in  temperature 
over  time  and/or  space  could  (and  did)  result  in  some  “scatter”  in  measured  conversion 
levels  for  fixed  operating  conditions. 
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Figures  6-1  and  6-2  show  how  the  temperature  at  each  one  of  the  seven  reactor 
thermocouple  locations  (along  the  centerline)  changed  with  time  in  a typical  experimental 
run.  In  the  case  shown,  the  temperature  set-point  for  the  reactor  was  250°C,  and  the  space 
velocity  was  1.57hr"’  (based  on  the  liquid  flow  rate  (in  ml/hr)  of  methanol).  Other 
operating  conditions  produced  similar  results  with  respect  to  the  range  of  temperatures 
observed  about  the  set-point.  For  analysis  and  presentation  purposes,  it  was  necessary  to 
reduce  the  data  shown  in  Figures  6-1  and  6-2  to  a single  value  that  represented  the 
“mean”  reaction  temperature  over  the  course  of  an  experimental  run.  This  required  that 
the  temperature  data  obtained  be  averaged  in  both  time  and  space  to  arrive  at  a single 
reaction  temperature  value. 

Temporal  Averaging 

Time-averaged  temperature  measurements  were  obtained  by  weighting 
instantaneous  (within  the  response  time  of  the  thermocouple)  temperature  measurements 
with  the  time  in-between  measurements  and  dividing  by  the  total  time: 


f j ^ ^-1  -^,-1  -t,_|) 


(6.1) 


In  this  equation  t is  the  time-averaged  temperature,  and  T is  the  instantaneous 
temperature,  at  time  i (/,)  and  thermocouple  location  /.  Figures  6-3  and  6-4  show  the 
time-averaged  temperature  for  the  data  shown  in  Figures  6-1  and  6-2.  In  each  case  the 
time-averaged  temperature  is  slightly  higher  than  the  set-point  of  250°C,  ranging  from 
250+ 1°C  to  250+6°C.  Note  that  after  a short  period  of  time  (10-15  minutes)  any 
fluctuations  in  the  time-averaged  temperature  have  dissipated  and  the  value  is  essentially 
constant.  This  indicates  that  there  is  no  bias  towards  an  increasing  or  decreasing  in 
temperature  over  the  course  of  an  experimental  run. 
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Figure  6-1 : Typical  Instantaneous  Temperature  Measurements  over  Duration  of 
Experimental  Run  for  Thermocouples  1 through  4 
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Figure  6-2:  Typical  Instantaneous  Temperature  Measurements  over  Duration  of 
Experimental  Run  for  Thermocouples  5 through  7 
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Figure  6-3;  Typical  Time- Averaged  Temperature  Measurements  over  Duration  of 
Experimental  Run  for  Thermocouples  1 through  4 
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Figure  6-4:  Typical  Time-Averaged  Temperature  Measurements  over  Duration  of 
Experimental  Run  for  Thermocouples  5 through  7 
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Spatial  Averaging 

In  order  to  define  a single  value  for  the  temperature  of  the  reactor  at  any  instant  in 
time,  a space-averaging  scheme  was  developed.  Because  of  the  constant  cross-sectional 
area  of  the  reactor,  this  amounted  to  individual  temperatures  being 
weighted  by  an  axial  distance  relative  to  the  total  length  of  the  reactor.  This  was 
accomplished  by  dividing  the  reactor  into  12  equal  lengths,  and  assigning  a number  of 
lengths  to  each  thermocouple  location.  Referring  to  Figure  4-3,  thermocouple  locations  1 
and  7 will  contribute  half  as  much  as  each  thermocouple  location  2 through  6.  Therefore, 
a spatial  averaging  of  temperature  was  taken  to  be 


_ r;  + 2T^  + 2T/  + 2T7  + 2T^  + 2T^  + T/ 
' ~ 12 


(6.2) 


where  T is  the  spatially  averaged  temperature  at  time  i,  and  superscripts  1 through  7 
indicate  thermocouple  location.  The  space-averaged  temperature  for  the  data  presented  in 
Figures  6-1  and  6-2  is  shown  in  Figure  6-5.  As  expected,  the  fluctuations  seen  in 
individual  temperature  measurements  are  somewhat  mitigated  by  the  averaging  process. 
Based  on  Figure  6-5,  the  spatially  averaged  temperature  of  the  reactor  at  any  time  during 
the  experimental  run  was  approximately  255±6°C. 

Temperature  Profile 

Due  to  the  “point”  nature  of  thermocouple  measurements,  it  was  not  possible  to 
fully  account  for  spatial  (particularly  radial)  variations  in  temperature  within  the  reactor. 
Because  of  the  endothermic  nature  of  the  reforming  reaction,  and  assuming  heat  is 
applied  externally,  a temperature  profile  will  develop  along  the  reactor  cross-section  as 
shown  in  Figure  6-6. 
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Figure  6-6:  Radial  Temperature  Profile  of  Reactor 

The  temperature  profile  shown  in  Figure  6-6  introduces  uncertainty  into  the 
spatially  averaged  temperature  that  was  not  accounted  for  in  data  reduction  calculations. 

It  stands  to  reason,  however,  that  since  the  temperature  was  measured  at  (or  very  close  to) 
the  centerline  of  the  reactor,  a minimum  average  reaction  temperature  is  calculated  in 
equation  6.2.  In  any  case,  it  was  assumed  that  for  two  separate  experimental  runs  with 
comparable  flow  rates  and  methanol  conversion  rates,  the  radial  temperature  profile 
would  be  similar.  Therefore,  while  the  “absolute”  space-averaged  temperature  was 
undoubtedly  different  (and  probably  higher)  than  the  average  that  was  calculated,  the 
value  calculated  in  equation  6.2  would  accurately  and  consistently  represent  a specific 
operating  condition  from  run  to  run. 

Overall  Averaging 

Using  equation  6.1  in  combination  with  6.2,  the  time  and  space  averaged  reactor 
temperature  {T)  at  any  time  i was  calculated  by 

f/  + 2f/  + 2f,^  + 2f/  + 2f,'  + 2f/  + f/ 


12 


(6.3) 
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Figure  6-7  shows  the  solution  for  ¥ using  the  data  from  Figures  6-1  and  6-2.  The  value 
defined  as  the  mean  reaction  temperature  for  the  entire  run  corresponded  with  the  final 
value  plotted  in  Figure  6-7  (in  this  case  about  254°C),  as  this  was  the  final  averaged  value 
based  on  all  temperature  data  taken  over  the  course  of  the  run. 

While  the  methods  of  averaging  utilized  for  this  research  are  straightforward,  they 
are  not  entirely  accurate  with  respect  to  determining  the  rate  of  reaction,  because  of  the 
exponential  effect  of  temperature  on  reaction  rate.  That  is,  an  arithmetic  mean  does  not 
truly  reflect  the  average  temperature  of  the  reactor  in  time  or  space  with  respect  to 
reaction  rate.  This  issue  also  exacerbates  the  uncertainty  in  temperature  measurements  as 
they  relate  to  the  discussion  of  Figure  6-6,  because  of  the  exponential  compounding  of 
variation  in  reactor  temperature  from  the  centerline  value.  Ultimately,  all  of  these  issues 
illustrate  the  inherent  uncertainty  of  determining  the  “mean”  reaction  temperature  of  a 
catalytic  reactor  based  on  a few  thermocouple  measurements.  However,  given  the 
parametric  nature  of  the  research  that  was  conducted,  these  considerations  are  of  less 
importance  than  if  obtaining  an  absolute  reaction  rate  as  a function  of  temperature  was 
the  primary  research  objective. 

In  the  study  conducted,  determining  the  absolute  temperature  was  not  as 
important  as  maintaining  experimental  conditions  from  run  to  run.  It  is  evident  from 
temperature  data  that  the  temperature  along  the  centerline  was  controlled  to  a reasonable 
degree  of  certainty.  It  was  assumed  that  the  temperature  not  along  the  centerline  of  the 
reactor  would  be  maintained  with  a similar  certainty.  Therefore,  while  the  calculated 
mean  temperature  may  not  accurately  represent  the  average  temperature  “seen”  by  the 
chemical  reaction,  for  the  purpose  of  a comparative  study  the  same  calculated  mean 


Temperature  (°C)  Temperature  (°C) 


114 


gure  6-5: 


Typical  Space- Averaged  Temperature  Measurements  over  Duration  of 
Experimental  Run 
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Figure  6-7:  Typical  Time  and  Space  Averaged  Temperature  Measurements  over  Duration 

of  Experimental  Run 
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temperature  was  assumed  to  be  the  same  experimental  condition.  Note  that  this  is  only 
the  case  because  of  the  nearly  isothermal  operation  in  the  axial  direction.  Since  all  of  the 
individual  thermocouple  measurements  (T1-T7)  were  very  similar  to  the  calculated  mean, 
the  conclusion  was  made  that  there  were  no  large  temperature  deviations  from  the  mean 
(axially)  that  could  potentially  skew  averaging  calculations. 

Reformate  Condensate  Properties 

Proper  measurement  of  the  condensate  obtained  from  the  cooling  of  product  gases 
was  essential,  as  this  was  the  best  available  method  of  determining  the  total  methanol 
conversion  level  of  the  reactor.  Two  properties  of  the  collected  condensate  were 
measured,  namely  the  mass  {rricond)  and  the  density  {pcond)-  Using  the  density 
measurement  along  with  the  calibration  curve  shown  in  Figure  5-1,  the  amount  of 
methanol  and  water  present  (by  mass)  in  the  condensate  could  be  determined.  Since  the 
total  mass  of  methanol  input  {niMo)  was  also  measured,  the  fractional  methanol 
conversion  level  {Xm)  was  determined  by 

V _ 1 ' ’^cond  tc  4 ^ 

X — 1 , (6.4) 

where  mfM  is  the  mass  fraction  of  methanol  in  the  condensate,  which  was  solved  for 
based  on  condensate  density  using  the  curve  fit  function  accompanying  Figure  5-1. 

In  determining  the  fractional  methanol  conversion  level  by  equation  6.4,  the 
assumption  was  made  that  all  of  the  water  and  methanol  condensed  out  of  the  reformate 
for  analysis.  Since  there  is  a small  quantity  of  water  and/or  methanol  present  in  vapor 
form  even  at  low  (near  0°C)  temperatures,  some  effort  was  made  to  quantify  what  portion 


of  the  “condensable”  products  (water  and  methanol)  remained  in  vapor  form,  and  were 
therefore  unaccounted  for  in  condensate  measurements. 

A compensation  scheme  was  developed  in  an  attempt  to  account  for  water  and 
methanol  still  in  vapor  form  after  cooling.  This  scheme  began  with  a mass  balance  for  the 
entire  reactor: 


In  this  equation,  mwo  is  the  total  inlet  mass  of  water,  mmo  is  the  total  inlet  mass  of 
methanol,  nicond  is  the  liquid  mass  collected  during  the  condensing  process,  and  niyap  is  the 
mass  of  the  reformate  that  was  in  vapor  form.  The  vapor  mass  term  can  be  written  as 


where  m^ei  is  the  mass  of  water  and  methanol  that  remained  in  vapor  form,  and  m^ry  is  the 
mass  of  the  product  specie  that  were  not  expected  to  condense  (H2,C0,C02).  Assuming  a 
thermally  perfect  gas 


(6.5) 


(6.6) 


(6.7) 


or 


(6.8) 


where  p is  the  partial  pressure  and  MW  is  the  average  molecular  weight  for  either  the 
“dry”  or  “wet”  product  specie.  Substituting  equation  6.8  into  equation  6.6, 
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Assuming  the  wet  products  were  mostly  water,  MW,^ei  was  taken  to  be  the 
molecular  weight  of  water  (18.015  g-mor'  ).  Likewise,  was  taken  to  be  the  partial 

pressure  of  water  in  the  cooled  reformate,  which,  assuming  it  was  a saturated  vapor,  is 
equal  to  the  vapor  pressure  of  water  (pv,w)  at  the  specified  condensing  temperature.  The 
partial  pressure  of  the  dry  product  gases  was  assumed  to  make  up  the  balance  of 
atmospheric  pressure,  Paim  (according  to  Dalton’s  model): 


The  average  molecular  weight  of  the  dry  product  gases  (MW^ry)  is  shown  in 
Figure  6-8  for  a range  of  conversion  levels  at  260°C  based  on  equilibrium  calculations.  It 


constant;  therefore,  the  average  molecular  weight  of  the  dry  product  gases  was  taken  to 


this  to  be  a reasonable  assumption. 

Using  the  assumptions  described,  and  equation  6.9,  the  unaccounted  for  mass  of 
wet  reaction  product  was  determined  by 


Similarly,  the  ratio  of  wet  to  dry  product  specie  can  be  written  according  to  equation  6.7, 


P dry  Palm  P wet  ' 


(6.10) 


is  evident  from  the  figure  that  the  average  molecular  weight  of  the  dry  product  is  nearly 


be  12.4g-mof  for  all  experimental  cases.  Results  obtained  during  gas  analysis  showed 


m 


(6.11) 


18.015-p,, 


(6.12) 


Figure  6-9  plots  the  solution  (inverted)  to  equation  6.12  for  various  temperatures 
assuming  an  atmospheric  pressure  of  approximately  one  (1)  atmosphere  (lOlkPa).  It  is 
clear  from  the  figure  that  at  near  0°C,  the  wet  product  contributes  less  than  one  percent  of 


Mass  Ratio,  rtidry/mwet  3 Average  Molecular  Weight,  g/mol 
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gure  6 


-8:  Average  Molecular  Weight  of  Dry  Product  Gas  Based  on  Equilibrium 

Calculations 
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Figure  6-9:  Ratio  of  Dry  Product  Mass  to  Vaporous  Wet  Product  Mass 
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the  total  mass  of  the  products.  This  indicates  that  any  contribution  from  the  vaporous  wet 
products  to  the  total  product  mass  should  be  small. 

Reformate  Gas  Properties 

The  composition  of  the  dry  reformate  gas  was  determined  using  a gas 
chromatograph.  The  gas  chromatograph  was  setup  to  detect  CO  and  CO2,  as  well  as  other 
species  as  detailed  in  Chapter  5.  While  the  gas  chromatograph  is  a dependable  and  useful 
device,  it  is  only  capable  of  analyzing  a single  gas  sample  at  a time.  Because  of  this,  the 
examination  of  reformate  gas  was  limited  to  a “snapshot”  type  analysis,  where  the  results 
were  only  necessarily  indicative  of  a short  period  (1-2  minutes)  of  actual  run  time.  In  an 
attempt  to  account  for  possible  variations  in  reformate  constituents  over  the  course  of  an 
entire  experimental  run,  several  gas  samples  were  taken.  This  allowed  for  comparison  of 
product  specie  at  several  discrete  time  intervals.  The  final  value  used  for  product  gas 
composition  was  an  average  of  all  values  taken  over  the  course  of  a single  experimental 
run. 

TCP  Results 

Figure  6-10  shows  a typical  result  using  the  Thermal  Conductivity  Detector 
(TCP)  for  a reformate  gas  produced  at  high  methanol  conversion  levels.  The  first  peak, 
which  is  negative  and  occurs  at  approximately  one  (1)  minute,  is  the  result  of  hydrogen. 
Unfortunately,  this  peak  is  an  indicator  only,  as  calibration  of  hydrogen  concentration 
using  a helium  carrier  gas  is  not  possible.  Peaks  occurring  in  the  range  of  2-3  minutes  are 
oxygen  and  nitrogen,  respectively.  For  this  research,  oxygen  and  nitrogen  peaks  were  the 
result  of  contamination  of  the  gas  sample  by  room  air.  In  most  cases  this  quantity  was 
very  small  and  was  considered  negligible.  If  significant  amounts  of  methane  were  present 
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in  the  sample,  it  would  be  indicated  at  around  the  four-minute  mark.  Figure  6-10  is 
typical  of  all  experimental  runs  in  that  there  were  undetectable  levels  (using  the  TCD)  of 
methane  in  the  reformate.  Carbon  monoxide  is  clearly  indicated  on  the  figure  at  a 
retention  time  of  approximately  5.5  minutes.  The  peak  shown  at  9 minutes  was  the  result 
of  a change  in  the  valve  configuration  of  the  gas  chromatograph.  Carbon  dioxide  is 
clearly  shown  at  approximately  1 1 .5  minutes.  Without  exception,  the  TCD  did  not  detect 
any  species  beyond  CO2. 

FID  Results 

Figure  6-1 1 shows  a typical  result  from  the  gas  chromatograph  using  the  Flame 
Ionization  Detector  (FID).  The  first  significant  peak  on  the  FID  plot  is  methane  at  around 
4 minutes.  When  this  peak  is  compared  to  the  carbon  monoxide  peak  that  follows,  the 
relative  proportions  of  the  two  species  is  clear  (note  that  the  CO  peak  goes  off  the  page). 

It  was  estimated  that  the  quantity  of  methane  present  in  most  cases  was  less  than  I OOppm. 
This  indicates  that  there  was  some  methane  present,  but  only  in  quantities  so  small  that 
they  may  be  neglected.  Besides  this  qualitative  analysis,  the  FID  was  not  used  to  obtain 
experimental  data. 

Dry  Gas  Analysis 

The  quantitative  results  obtained  using  the  gas  chromatograph  were  in  the  form  of 
volumetric  proportions  of  each  of  the  dry  product  component  species.  Carbon  monoxide 
and  carbon  dioxide  were  measured  directly  using  a chromatogram  like  that  shown  in 
Figure  6-10.  Because  no  other  species  were  expected,  in  addition  to  the  complication 
associated  with  measuring  hydrogen  content  directly,  the  balance  of  the  gas  sample  was 
assumed  to  be  hydrogen. 
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Figure  6-10:  Typical  Chromatogram  Using  Thermal  Conductivity  Detector 
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Figure  6-1 1:  Typical  Chromatogram  Using  Flame  Ionization  Detector 
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In  order  to  compare  the  gas  chromatograph  results  to  the  results  obtained  from 
chemical  equilibrium  analysis,  it  was  necessary  to  define  the  species  mole  fractions 
shown  in  Figures  3-3  through  3-8  as  a percentage  of  the  total  dry  gas  content.  Figures 
6-12  through  6-17  show  the  equilibrium  solution  for  the  volume  fraction  of  the  different 
dry  product  gas  species,  including  CO,  CO2,  and  H2.  This  data  is  useful  as  it  allows  a 
direct  comparison  of  gas  chromatograph  results  and  theoretical  calculations. 

Determination  of  the  mass  fraction  of  each  of  the  dry  product  species  was 
necessary  for  use  in  subsequent  data  analysis.  This  was  accomplished  by  first 
determining  the  average  molecular  weight  of  the  dry  gas  mixture  (this  is  the  same 
quantity  shown  in  Figure  6-8): 


(6.13) 

The  mass  fraction  of  each  species  in  the  product  gas  was  then  determined  by: 

^co 

(6.14) 

f^Jry 

MPVdry 

(6.15) 

^dry 

^drv 

%V„  MW„ 
MW,,, 

(6.16) 

The  quantity  nidry  is  that  used  in  equation  6.6,  and  can  be  solved  as  such: 

^dry  = . (6.17) 

With  the  solution  of  nidry,  a complete  mass  balance  for  the  reactor  was  achieved,  as 


summarized  in  Table  6-1 . 


% by  vol  (dry)  c t,y  ^qi  (^j^y) 
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Fractional  Methanol  Conversion,  Xm 

6-12:  Dry  Equilibrium  CO  Volume  Fraction  for  Various  Reaction  Temperatures  at 
a Constant  Reactant  H20:C  Ratio  of  1.5:1 
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Figure  6-13:  Dry  Equilibrium  CO  Volume  Fraction  for  Various  Reactant  H20:C  Ratios  at 

a Constant  Reaction  Temperature  of  260°C 
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Fractional  Methanol  Conversion, 


Figure  6-14:  Dry  Equilibrium  CO2  Volume  Fraction  for  Various  Reaction  Temperatures 
at  a Constant  Reactant  H20:C  Ratio  of  1 .5: 1 


Fractional  Methanol  Conversion, 

Figure  6-15:  Dry  Equilibrium  CO2  Volume  Fraction  for  Various  Reactant  H20:C  Ratios 
at  a Constant  Reaction  Temperature  of  260°C 
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Fractional  Methanol  Conversion,  Xm 

6-16:  Dry  Equilibrium  Hi  Volume  Fraction  for  Various  Reaction  Temperatures  at 
a Constant  Reactant  HiO;C  Ratio  of  1 .5: 1 


Figure  6-17:  Dry  Equilibrium  Hi  Volume  Fraction  for  Various  Reactant  HiO:C  Ratios  at 

a Constant  Reaction  Temperature  of  260°C 
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Table  6-1:  Summary  of  Reactor 

Vlass  Terms 

Mode 

Nomenclature 

Description 

Reactant 

ITIMo 

mass  of  reactant  methanol 

mwo 

mass  of  reactant  water 

Product 

rUcond 

mass  of  collected  product  condensate 

m^vet 

calculated  mass  of  wet  produet  vapor 

rUdry 

calculated  mass  of  dry  product  gases 

Power  Measurement 

Measurement  of  the  power  requirements  for  the  reactor  portion  of  the  rig  allowed 
for  an  indirect  assessment  of  the  amount  of  reaction  that  occurred  in  each  individual 
reactor  zone.  From  these  data  a reaction  “profile”  was  developed  that,  if  followed  over 
time,  would  allow  for  tracking  of  changes  in  catalyst  activity.  While  this  concept  may 
seem  straightforward,  there  were  practical  complications  involved  with  thoroughly 
accounting  for  energy  usage  distribution  in  the  reactor.  This  made  an  accurate  assessment 
of  the  energy  required  for  the  endothermic  reaction  difficult. 

In  the  case  of  a small-scale  reactor,  a significant  amount  of  energy  input  is 
required  to  offset  heat  loss  to  the  environment.  Since  this  is  the  case,  an  estimate  of  this 
quantity  was  necessary  in  order  to  determine  the  amount  of  energy  required  to  support 
only  the  reaction.  The  actual  quantities  measured  during  experimentation  were  the  time 
that  each  heat  element  was  operational,  and  the  output  power  of  each  heating  element. 
Using  these  data,  an  average  power  requirement  for  each  heating  element  over  the  course 
of  the  entire  run  was  calculated  by 
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where  is  the  average  power  at  time  / of  heating  element  j,  P’  is  the  measured  output 
power  of  heating  element  j,  t}  is  the  amount  of  time  heating  element  j has  been  on 
through  run  time  /,  and  /,  is  the  run  time  at  /.  The  average  power  required  to  support  only 
the  endothermic  reaction  {fined  was  determined  by 

(6.19) 

where  fienv  is  the  average  power  required  to  offset  heat  loss  to  the  environment,  and  is 
considered  constant  throughout  the  experimental  run  (no  i subscript).  Due  to  the  complex 
geometry  and  multiple  heat  paths  associated  with  the  reactor,  a theoretical  solution  for  the 
heat  loss  to  the  environment  was  not  practical.  However,  monitoring  the  average  power 
required  to  maintain  an  isothermal  bed  with  no  reaction  occurring  gave  a reasonable 
estimate  of  the  heat  losses  in  question.  Figures  6-18  and  6-19  show  results  of  this  exercise 
at  two  different  temperatures,  260°C  and  300°C.  Both  figures  are  similar,  and  indicate  the 
highest  rate  of  heat  loss  was  from  zone  6.  This  was  expected,  as  insulation  at  the  bottom 
of  the  reactor  assembly  was  marginal  compared  to  the  rest  of  the  rig. 

Several  comments  should  be  made  regarding  the  accuracy  and  use  of  the  heat-loss 
data  presented.  The  accuracy  of  the  numbers  (with  no  reaction)  as  applied  to  the 
conditions  present  during  reforming  (with  a reaction)  is  limited.  During  the  reforming 
process,  the  reactor  outside  wall  temperature  (at  the  heat  bands)  will  be  higher  than  in  a 
non-reforming  case  because  of  the  increased  heat  transfer  requirement  into  the  catalyst 
bed  (assuming  the  same  core  temperature).  This  would  result  in  additional  losses  to  the 
environment,  although  what  effect  this  might  have  had  (quantitatively)  on  the  data  shown 
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Reactor  Zone 

6-18:  Average  Power  Required  to  Maintain  an  Isothermal  Bed  Temperature  of 

260°C  with  No  Reaction 


Reactor  Zone 


Figure  6-19:  Average  Power  Required  to  Maintain  an  Isothermal  Bed  Temperature  of 

300°C  with  No  Reaction 


129 


in  Figures  6-18  and  6-19  was  not  determined.  The  values  shown  for  heat  loss  to  the 
environment  were  used  for  all  experimental  runs,  interpolating  when  required  for 
different  temperatures.  While  there  would  clearly  be  some  variation  in  these  data  from 
run  to  run  depending  on  ambient  conditions  and  operating  conditions,  any  attempt  to 
account  for  this  variation  would  be  fruitless  due  to  the  uncertainty  in  the  measurement 
already  described. 

In  addition  to  measuring  the  average  power  required  to  maintain  the  reaction 
temperature  by  experimental  methods,  the  total  energy  required  for  the  endothermic 
reaction  over  the  course  of  an  experimental  run  was  determined  using  known  information 
about  the  composition  of  the  reactant  and  product  streams.  A calculated  value  for  the 
total  average  power  {P-caic)  according  to  an  energy  balance  of  the  reactant  and  product 
specie  was  determined  by 

^calc  ■ trur,  = ' ^)cO  + ‘ ‘ + 

{m  ■ h)^  + {m  • h\  - {m  ■ - [m  ■ , (6.20) 

where  m is  the  total  mass  of  each  species  in  the  reactants  or  products  over  the  entire  run, 
and  h is  the  ideal  gas  enthalpy  of  each  species  at  either  the  inlet  or  exit  temperature.  After 
solution,  the  term  P-caic  was  compared  to  the  experimental  value  P-„et  in  an  attempt  to 
validate  experimental  data. 


Summary 

This  chapter  has  presented  the  data  analysis  techniques  that  were  utilized  to 
interpret  and  correlate  raw  experimental  data.  The  importance  of  temperature 
measurement  and  control  in  the  reactor  portion  of  the  rig  has  been  illustrated  and 
discussed.  The  techniques  used  to  determine  the  composition  of  reformate  through  the 
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analysis  of  condensed  product  species  and  dry  product  gas  has  been  presented.  Finally,  a 
method  of  determining  the  distribution  of  energy  usage  in  the  reactor  has  been  developed. 
Each  of  these  procedures  were  useful  tools  in  the  investigation  of  the  methanol 
steam-reforming  process  in  consideration  of  the  research  objectives,  as  will  be  illustrated 
in  the  following  chapter. 


CHAPTER  7 

RESULTS  AND  DISCUSSION 


The  results  obtained  over  the  course  of  experimentation  can  be  subdivided  into 
four  categories.  These  categories  correspond  to  the  four  different  types  of  methanol 
feedstock  used  during  experimentation.  The  first  series  of  tests  used  chemical  grade 
methanol  to  establish  baseline  performance  criteria  for  the  rig.  This  investigation  was 
followed  by  evaluation  of  each  of  the  contaminants  selected,  including  a lightweight 
mineral  oil,  kerosene,  and  isooctane.  Results  are  presented  in  that  order,  followed  by  a 
synopsis  of  all  results  and  their  possible  interpretation  with  respect  to  specific  fuel  cell 
applications. 


Chemical  Grade  Feedstock 

Non-Catalytic  Case 

One  of  the  initial  inquiries  regarding  the  steam  reforming  of  methanol  was  the 
potential  benefit  of  a using  a catalyst.  While  it  is  generally  accepted  that  the  process 
requires  a catalyst  to  proceed  at  a reasonable  rate,  no  previous  studies  were  found 
regarding  the  reaction  of  methanol  and  water  at  elevated  temperatures  in  the  absence  of  a 
catalyst.  For  this  reason,  a single  experiment  was  conducted  to  determine  the  “worst 
case”  scenario  for  methanol  steam-reforming,  which  would  presumably  occur  without  a 
catalyst  present.  The  results  of  this  investigation  are  shown  in  Table  7-1. 
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Table  7-1:  Non-Catalytic  Reforming  Results 


Space  Velocity 

0.81  hr'' 

Temperature 

255°C 

H20:C  Ratio 

1.5:1 

Fractional  Conversion  (from  eqn.  6.4) 

0.136 

Reformate  Composition  (dry) 

CO 

0.37% 

CO2 

24.24% 

H2  (calc.) 

75.39% 

Considering  that  the  use  of  a catalyst  under  similar  conditions  would  result  in 
over  99%  methanol  conversion,  it  is  apparent  that  there  is  a substantial  difference 
between  the  two  cases.  The  results  in  Table  7-1  indicate  the  importance  of  using  a 
catalyst  during  the  steam  reforming  process.  It  appears  that  under  similar  operating 
conditions,  there  is  nearly  a 90%  reduction  in  reforming  capability  when  comparing  the 
non-catalytic  and  the  catalytic  case. 

Non-Premix  Case 

Initially,  a non-premix  configuration  was  used  during  experimentation.  In  this 
case,  two  pumps  were  used  to  pump  de-ionized  water  and  methanol  separately  to  their 
respective  vaporizers.  Originally,  this  arrangement  was  to  be  used  exclusively  during 
experimentation,  which  is  reflected  in  the  vaporizer  assembly  design.  However,  as  results 
were  obtained  it  became  apparent  that  there  were  some  problems  with  the  non-premix 
experimental  configuration. 

The  primary  complication  with  using  separate  water  and  methanol  vaporizers  was 
the  inability  to  precisely  control  the  flow  rate  of  each  reactant  species.  Because  of  this,  it 
was  practically  impossible  to  maintain  a constant  reactant  H20:C  ratio  during 
experimentation.  Using  the  non-premixed  configuration,  a range  of  H20:C  ratios  were 
calculated  based  on  the  total  inlet  flow  of  each  reactant  over  the  course  of  each 


133 


experimental  run.  These  values  are  shown  in  Figure  7-1.  Note  that  the  target  H20:C  ratio 
for  each  of  these  runs  was  1 .5.  The  data  presented  in  Figure  7-1  indicates  that  the  target 
value  was  missed  by  anywhere  from  5%  in  experimental  run  #2,  to  58%  in  experimental 
run  #5.  In  addition,  it  indicates  that  repeatable  experimental  conditions  were  impractical 
using  the  non-premix  configuration. 

There  were  two  suspected  causes  for  the  inability  to  precisely  control  reactant 
flow  rates.  First,  changes  in  pump  operation  and  calibration  over  time  were  to  some 
extent  pump  specific.  This  resulted  in  a change  in  the  flow  rate  of  methanol  and  water 
independent  of  each  other,  ultimately  resulting  in  a change  in  the  ratio  of  the  two 
reactants.  Second,  it  is  possible  that  the  backpressure  produced  during  an  actual 
experimental  run  changed  the  operating  characteristics  of  the  pump.  Since  the  pumps 
were  calibrated  without  the  vaporizers  attached  (no  backpressure),  this  could  easily  have 
resulted  in  variation  of  the  flow  rates,  and  therefore  the  H20:C  ratio.  In  any  case,  it  was 
clear  that  a modification  to  the  experimental  method  was  needed  to  obtain  more  reliable 
results. 

The  use  of  premixed  methanol  and  water  was  a reasonable  solution  to  the  problem 
at  hand.  This  solution  required  that  a single  pump  and  vaporizer  be  used,  which 
diminished  the  utility  of  the  vaporizer  assembly.  Fortunately,  the  vaporizer  assembly  was 
“overdesigned”  for  the  non-premix  case  that  was  originally  intended  for  use  during 
experimentation.  As  a result,  it  was  found  during  premix  experimentation  that  a single 
pump  and  vaporizer  supplied  adequate  inlet  flow  and  input  heat  for  a wide  range  of 
operating  conditions. 
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Based  on  the  chemical  equilibrium  results  presented  in  Chapter  3,  variation  in 
reactant  stoichiometry  should  have  an  effect  on  reformate  composition.  Since  the 
non-premix  experimentation  used  several  different  reactant  stoichiometries  (albeit 
inadvertently),  the  results  of  reformate  analysis  should  reflect  this  fact.  Table  7-2 
summarizes  the  gas  analysis  results  obtained  during  the  experimental  runs  conducted 
using  the  non-premix  mode  of  operation,  and  compares  them  with  results  obtained  from 
chemical  equilibrium  calculations  (dry  product  equilibrium  values  are  shown  in  Figures 
6-12  through  6-15).  The  equilibrium  values  were  calculated  using  temperature,  H20:C 
ratio,  and  fractional  conversion  results  from  each  respective  run  as  input  parameters.  All 
of  these  data  were  obtained  at  high  conversion  levels  (>98%)  at  a temperature  between 
250°C  and  255°C. 


Table  7-2:  Gas  Analysis  Results  During  Non-Premix  Experimentation 


Run  # 

HjOrC 

ratio 

Experi 

%CO 

mental  V 

%C02 

'alues  (dry) 

%H2(calc.) 

Equil 

%CO 

ibrium  V 

%C02 

alues (dry) 

%H2 

1 

1.69 

1.43 

24.56 

74.01 

1.10 

24.18 

74.73 

2 

1.42 

1.25 

24.46 

74.29 

1.59 

23.81 

74.60 

3 

1.66 

1.10 

24.76 

74.14 

1.11 

24.17 

74.72 

4 

1.97 

0.82 

24.62 

74.56 

0.74 

24.45 

74.82 

5 

2.37 

0.52 

24.88 

74.60 

0.59 

24.56 

74.85 

Table  7-2  gives  an  indication  of  the  similarity  between  the  two  sets  of  results 
(experimental  and  equilibrium).  The  H2  values  differ  by  less  than  one  percent  in  all  cases, 
and  the  CO2  values  differ  by  less  than  3%.  However,  the  values  for  CO  are  more 
substantially  different  (as  a percentage).  This  can  be  primarily  attributed  to  the  affect  of 
measurement  error  on  the  smaller  values  for  CO. 

Figure  7-2  shows  the  CO  and  CO2  data  from  Table  7-2  as  a function  of  H20:C 
ratio.  Notice  that  for  the  two  cases  there  is  general  agreement  in  the  apparent  trend  of  the 
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CO  and  CO2  concentration  for  corresponding  changes  in  the  H20:C  ratio.  This 
observation  supports  the  hypothesis  that  the  products  of  the  steam  reforming  reaction  will 
be  influenced  by  experimental  parameters  in  a manner  similar  to  the  equilibrium  model 
developed  in  Chapter  3. 

Premix  Case 

The  decision  to  use  a premixed  feedstock  of  methanol  and  water  was  a result  of 
the  flow  control  problems  associated  with  the  non-premix  setup  discussed  in  the  previous 
section.  It  was  found  that  the  premix  system  was  one  way  of  reliably  controlling  the 
reactant  stoichiometry.  Since  this  was  the  case,  a majority  of  experimentation  was 
conducted,  and  all  of  the  results  presented  hereafter  were  obtained  using  the  premix 
configuration.  This  includes  the  remainder  of  chemical  grade  feedstock  results,  as  well  as 
all  contaminated  feedstock  results. 

There  were  two  primary  objectives  of  experimentation  using  chemical  grade 
methanol  feedstock.  One  was  to  establish  a baseline  that  could  be  compared  with  results 
obtained  using  contaminated  feedstock.  The  other  was  to  compare  results  obtained  during 
the  current  study  with  results  obtained  by  other  researchers,  for  validation  purposes. 
Conversion  data 

Figures  7-3  and  7-4  show  fractional  methanol  conversion  as  a function  of  space 
velocity  for  experimentation  at  an  approximate  average  reaction  temperature  (as  defined 
by  eqn.  6.3)  of  255°C  (Figure  7-3)  and  275°C  (Figure  7-4).  The  solid  line  shown  in  both 
figures  is  a linear  fit  to  the  data,  which  approximates  the  drop  off  in  methanol  conversion 
as  space  velocity  was  increased.  The  dashed  line  shown  in  the  figures  indicates  the  point 
at  which  methanol  conversion  has  dropped  to  approximately  99%.  This  point  is  for 


% CO  by  volume  (dry)  ^ H20:C  Ratio 
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Experimental  Run 


gure  7-1: 


H20:C  Ratio  for  Experimental  Runs  Using  Non-Premix  Configuration 
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Figure  7-2:  Experimental  and  Equilibrium  Dry  Reformate  Gas  Analysis  Results  for 

Non-Premix  Experimental  Runs 
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7-3:  Fractional  Methanol  Conversion  Using  Chemical  Grade  Feedstock  at  255°C 


Figure  7-4:  Fractional  Methanol  Conversion  Using  Chemical  Grade  Feedstock  at  275°C 
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comparative  purposes  only,  and  was  based  on  the  reasoning  that  most  fuel  cell 
applications  would  require  at  least  this  level  of  methanol  conversion  in  order  to  operate 
effectively  and  without  possible  damage  to  the  fuel  cell  stack.  Note  that  at  255°C,  the 
99%  conversion  value  for  space  velocity  is  approximately  1.2;  and  increasing  the 
temperature  by  only  twenty  degrees  increases  the  value  of  this  parameter  to  almost  2.2. 
The  large  (~83%)  increase  in  this  parameter  for  a relatively  small  temperature  increase 
emphasizes  the  exponential  effect  of  temperature  on  reaction  rate.  Note  that  while  this  is 
the  case,  for  fuel  cell  applications  a low  reforming  temperature  is  desirable.  Therefore,  a 
compromise  must  be  made  between  reaction  rate  and  reforming  temperature  in  any  fuel 
cell  system  that  utilizes  a fuel  reformer. 

One  way  of  corroborating  the  results  shown  in  Figures  7-3  and  7-4  is  to  compare 
the  data  with  work  published  by  other  researchers.  Amphlett  et  al.  [19]  has  presented  a 
solution  for  the  methanol  steam-reforming  reaction  (using  a similar  catalyst  and 
experimental  conditions  in  the  range  of  200°C  to  300°C)  in  the  form  of  a reaction  rate 
constant  {k„),  which,  based  on  experimental  data,  was  determined  to  be 


k„,  = 806000  ■ exp(— , 


(7.1) 


where  T is  the  temperature  in  Kelvin.  Using  this  value  in  conjunction  with  equation  3.32 


k.y 


-] 


1 -I- 


-dX. 


Mo  0 


1 M ^ 


(7.2) 


the  total  conversion  level,  X,oi,  was  solved  for  numerically,  assuming  no  contamination 
present  {(pc~  0),  and  that  species  concentrations  could  be  determined  by  chemical 
equilibrium  data.  Figure  7-5  shows  the  solution  for  methanol  conversion  using  this 
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process  as  solid  symbols  for  three  different  temperatures.  Experimental  data  from  the 
current  research  (Figures  7-3  and  7-4)  are  also  shown  on  the  figure  as  open  symbols. 

Note  that  while  there  are  some  differences  between  the  values  obtained  during  the  current 
research  and  the  predicted  (Amphlett)  value,  the  general  trend  (shape)  of  the 
experimental  data  are  similar  to  what  would  be  expected.  The  offset  seen  between  the 
two  results  (experimental  and  predictive)  is  most  likely  the  result  of  either  1 ) differences 
in  the  catalyst  used,  or  2)  differences  in  the  monitoring,  control,  and/or  definition  of  the 
overall  reaction  temperature  between  the  two  research  studies. 

Figure  7-6  shows  experimental  data  published  by  Dusterwald  et  al.  [34],  again 
compared  to  the  current  research  data.  There  appears  to  be  a good  correlation  between  the 
two  sets  of  data,  as  the  general  trends  as  well  as  specific  values  for  each  case  are  very 
similar. 

Gas  chromatograph  data 

Results  obtained  from  the  analysis  of  reformate  samples  using  the  gas 
chromatograph  can  be  seen  in  Figures  7-7  and  7-8.  The  dry  CO  content  by  volume  is 
shown  in  Figure  7-7,  along  with  values  obtained  during  equilibrium  analysis  taken  from 
Figures  6-12  and  6-13.  Figure  7-8  is  similar  except  that  it  shows  CO2  content.  In  each 
case  notice  that  the  general  trend  expected  from  a change  in  the  methanol  conversion 
level  (for  a fixed  operating  condition)  is  observed.  In  the  case  of  CO,  as  the  conversion 
level  decreased,  the  measured  CO  fraction  in  the  reformate  also  appears  to  trend  lower. 
Conversely,  the  CO2  level  appears  to  increase  with  a decrease  in  the  methanol  conversion 


level. 


Fractional  Methanol  Conversion,  Xm  Fractional  Methanol  Conversion,  Xm 
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Figure  7-5:  Methanol  Conversion  Data  from  Amphlett  et  al.  (solid)  and 

Current  Study  (open) 


Space  Velocity  (hr^) 


Figure  7-6:  Methanol  Conversion  Data  from  Dusterwaid  et  al.  (solid)  and 

Current  Study  (open) 
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Figure  7-7:  Dry  CO  Content  in  Reformate  Using  Chemical  Grade  Feedstock  at  255°C 
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Although  there  were  some  differences  between  experimental  values  and 
calculated  equilibrium  values,  for  purposes  of  this  research,  equilibrium  values  were  used 
to  determine  reformate  composition  (as  a function  of  temperature,  reactant  stoichiometry, 
and  methanol  conversion  level)  for  use  in  the  reactor  plug  flow  model  developed  in 
Chapter  3.  This  simplification  can  be  justified  by  the  data  presented  in  Figures  7-7  and 
7-8  in  light  of  the  following  considerations: 

1)  Experimental  data  shown  in  Figures  7-7  and  7-8  are  reasonable  considering  the 
uncertainty  in  actual  reactor  temperature  over  time. 

2)  While  the  deviation  from  the  equilibrium  value  is  large  (on  a percentage  basis)  for 
CO,  error  in  the  calculated  FI2  content  was  small  (less  than  1%)  based  on  a fixed 
measurement  error  of  about  0.5%  fraction  by  volume.  Examination  of  equation  7.2 
illustrates  the  relative  importance  of  accurate  H2  concentration  assessment 
compared  to  CO  concentration. 

3)  Due  to  the  large  value  of  Km,c  in  equation  7.2  (see  eqn.  3.3 1),  any  error  in  the 
concentration  of  either  CO  or  H2  will  have  little  effect  on  the  reaction  rate  constant 
obtained  using  the  plug  flow  reactor  model. 

Atom  balance 

The  reactor  inlet  and  exit  quantity  of  each  atom  C,  H,  and  O over  the  course  of 
each  experimental  run  was  determined  based  on  the  mass  flow  calculations  for  CO  (eqn. 
6.14),  CO2  (eqn.  6.15),  and  H2  (eqn.  6.16),  as  well  as  the  measured  quantities  of  H2O  and 
CH3OH  at  the  inlet  and  exit  of  the  reactor.  Since  one  would  expect  the  number  of  each  of 
these  atoms  to  remain  constant,  a comparison  of  the  number  of  atoms  entering  the  reactor 
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to  the  number  leaving  the  reactor  was  used  as  a tool  to  evaluate  the  accuracy  of 
experimental  measurements.  The  imbalance  of  each  atom  was  defined  as 


C imbalance  = 


H imbalance  = 


O imbalance  = 


C atoms  in  - C atoms  out 
C atoms  in 


H atoms  in  - H atoms  out 
H atoms  in 


O atoms  in  - O atoms  out 
O atoms  in 


(7.3) 


Figures  7-9,  7-10,  and  7-1 1 show  the  imbalance  between  the  number  of  reactant 
and  product  atoms  for  carbon,  oxygen,  and  hydrogen,  respectively.  Note  that  for  carbon 
and  oxygen,  there  is  an  apparent  trend  in  the  data  corresponding  to  fractional  methanol 
conversion.  That  is,  as  the  fractional  methanol  level  decreases,  the  carbon  imbalance 
decreases  while  the  oxygen  imbalance  increases.  Hydrogen  imbalance  does  not  have  a 
noticeable  trend,  although  the  imbalance  is  consistently  positive,  indicating  a slight 
over-estimation  of  the  hydrogen  content  in  the  products.  In  general,  the  agreement 
between  the  atom  count  of  the  inlet  and  exit  flow  is  good  (less  than  3%  variance),  which 
adds  confidence  to  the  validity  of  other  experimental  data. 

Power  measurement 

Tracking  of  power  usage  throughout  the  reactor  can  be  used  to  substantiate  the 
conversion  data  shown  in  Figures  7-3  and  7-4  as  well  as  track  changes  in  the  reaction 
activity  for  each  reactor  heating  zone. 


Figure  7-12  shows  some  data  which  represents  power  requirements  for  the  entire 
reactor  portion  of  the  rig.  “Measured  Gross”,  as  shown  on  the  figure,  was  the  summation 


Oxygen  Imbalance  (%)  31  Carbon  Imbalance  (%) 
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Fractional  Methanol  Conversion,  Xm 


gure  7-9: 


Imbalance  of  Carbon  Product  Atoms  to  Carbon  Reactant  Atoms  Using 
Chemical  Grade  Feedstock  at  255°C 


Fractional  Methanol  Conversion,  Xm 


Figure  7-10:  Imbalance  of  Oxygen  Product  Atoms  to  Oxygen  Reactant  Atoms  Using 

Chemical  Grade  Feedstock  at  255°C 


145 


Figure  7-11:  Imbalance  of  Hydrogen  Product  Atoms  to  Hydrogen  Reactant  Atoms  Using 

Chemical  Grade  Feedstock  at  255°C 


Space  Velocity  (hr'^) 


1 - Equilibrium  Solution 
260°C,  1.5:1  HjO:C, 
100%  Conversion 


2 - Equilibrium  Solution 
260°C,  1.5:1  H20:C, 
95%  Conversion 


Figure  7-12:  Measured  and  Calculated  Total  Reactor  Average  Power  Levels  Using 

Chemical  Grade  Feedstock  at  255°C 
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of  the  average  power  for  all  six  heating  bands  used  with  the  reactor.  The  average  power 
for  each  band  was  calculated  according  to  equation  6. 1 8 at  the  end  of  each  experimental 
run.  “Measured  Net”  was  the  gross  power  minus  the  heat  loss  to  the  environment  (eqn. 

6. 19),  which  was  a measure  of  the  average  power  required  to  maintain  the  temperature  of 
the  endothermic  steam  reforming  reaction.  “Calculated  Net”  was  the  predicted  power 
required  based  on  an  energy  balance  of  the  inlet  and  exit  flows  according  to  equation 
6.20.  Also  shown  on  the  figure  are  two  lines  which  show  the  average  power  required 
based  on  the  equilibrium  solution  shown  in  Figures  3-13  and  3-14  for  conditions  detailed 
in  notes  1 and  2 of  Figure  7-12. 

Figure  7-12  indicates  that  there  is  good  agreement  between  power  measurements 
and  the  expected  power  consumption  based  on  equilibrium  values.  Both  the  calculated 
and  measured  net  power  data  shown  in  the  figure  correspond  to  a high  methanol 
conversion  scenario  at  chemical  equilibrium.  Note  that  the  measured  net  power  was  in 
most  cases  slightly  higher  than  expected.  This  was  most  likely  due  to  an  under-estimation 
of  heat  loss  to  the  environment  for  reasons  discussed  in  Chapter  6. 

In  addition  to  total  reactor  power  consumption,  the  power  consumption  of  each 
heating  element  can  be  examined  to  infer  the  level  of  reaction  in  each  zone.  Figures  7-13 
and  7-14  show  the  average  net  power  consumption  for  each  reactor  zone  for  various 
values  of  space  velocity. 

Figure  7-13  indicates  that  for  zone  1,  there  was  no  discernible  trend  in  the  net 
average  power  consumption  (with  space  velocity),  and  there  was  a considerable  range 
(35W  to  55W)  of  data,  which  indicated  some  uncertainty  in  the  repeatability  of  the 
calculated  value.  This  can  be  attributed  to  several  factors,  all  relating  to  the  unsteady 
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Figure  7-13:  Average  Net  Power  Consumption  for  Reactor  Zones  1 through  3 Using 

Chemical  Grade  Feedstock  at  255°C 
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Figure  7-14;  Average  Net  Power  Consumption  for  Reactor  Zones  4 through  6 Using 

Chemical  Grade  Feedstock  at  255°C 
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nature  of  the  experimental  condition  at  the  inlet  to  the  reactor.  First,  it  is  possible  that 
there  was  some  settling  of  the  catalyst  over  the  course  of  experimentation.  If  this  was  the 
case,  the  quantity  of  catalyst  in  zone  1 could  have  changed  (decreased)  with  time.  In 
addition,  the  operating  condition  in  zone  1 is  largely  dependent  on  prior  components  in 
the  overall  experimental  rig  (i.e.  superheater  and  vaporizer  assembly).  Therefore,  zone  1 
effectively  acted  as  a “buffer”  zone,  which  compensated  for  fluctuations  in  the  operating 
condition  as  a result  of  other  rig  components.  Finally,  the  relatively  large  heat  loss  to  the 
environment  in  zone  1 (see  Figures  6-18,  6-19)  as  well  as  the  fluid  dynamics  associated 
with  the  introduction  of  the  flow  to  the  catalyst  bed  could  have  an  unpredictable  effect  on 
the  heat  input  required. 

Zones  2 through  5 all  increase  in  power  to  compensate  for  an  increase  in  space 
velocity.  This  was  expected  as  there  is  a linear  relationship  between  input  energy  required 
to  maintain  the  reaction  temperature  and  reactant  flow  rate.  In  each  case  for  zones  2 
through  5,  a linear  fit  to  the  experimental  data  is  shown  on  the  figure  including  a value 
for  the  slope  of  the  linear  fit  in  W/hf'.  Zone  6 appears  to  have  a negligible  contribution 
(near  zero)  in  terms  of  net  power  input  for  all  chemical  grade  experimental  runs.  Note 
that  a negative  net  power  is  possible  because  of  the  method  of  calculation,  as  the  heat  loss 
to  the  environment  was  subtracted  from  the  gross  measured  power.  Equation  6.19  and 
related  discussion  further  elaborate  on  why  this  was  possible. 

By  normalizing  the  input  power  to  space  velocity,  changes  in  power  requirements 
can  be  tracked  over  time  for  a range  of  space  velocity  operating  conditions.  Because  there 
was  presumably  no  significant  catalyst  degradation  in  the  chemical  grade  feedstock  case, 
the  normalized  power  should  have  remained  roughly  constant  with  a value  equal  to  the 
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slope  of  the  linear  fit  in  Figures  7-13  and  7-14.  Figures  7-15  and  7-16  show  the 
normalized  power  for  zones  1 through  3 and  4 through  6,  respectively.  As  expected,  the 
normalized  power  data  indicates  that  there  was  no  discernible  degradation  of  the  catalyst 
over  the  course  of  chemical  grade  feedstock  experimentation.  There  is  no  apparent  trend 
in  the  data  presented,  and  the  mean  value  for  the  normalized  power  is  nearly  identical  to 
the  slope  of  the  average  power  curves  (Figures  7-13  and  7-14). 

Reaction  rate  constant  solution 

The  reaction  rate  constant  is  the  most  useful  parameter  to  describe  the  conversion 
“potential”  of  a specific  fuel  reforming  system.  In  order  to  solve  for  this  parameter  using 
experimental  data,  recall  equation  3.33: 


k„, 

1 + (f)^. 


101 

1 


[CH,OH] 


_1 

^ KA  r 


dX^. 


(7.4) 


In  the  case  of  chemical  grade  feedstock.  (f>c  can  be  assumed  to  be  zero.  The  methanol 
concentration  {[CH3OHJ)  can  be  solved  for  by  equation  3.35,  and  the  hydrogen 
concentration  (fHiJ)  can  be  solved  for  by  equation  3.38.  In  addition,  it  has  already  been 
shown  that  the  equilibrium  solution  for  [CO]  is  a reasonable  approximation  to  actual 
conditions.  Therefore,  given  the  inlet  flow  rate  of  methanol  (Fmo),  the  volume  of  the 
reactor  ( V),  and  the  overall  methanol  conversion  level  for  the  specified  conditions 
the  rate  constant  {km)  can  be  solved  for  by  numerical  integration  of  equation  7.4. 

The  solution  for  the  rate  constant  for  the  chemical  grade  feedstock  data  shown  in 
Figures  7-3  and  7-4  is  shown  in  Figures  7-17  through  7-20.  Figures  7-17  and  7-18  show 
the  calculated  rate  constants  for  the  lower  temperature  (255°C)  case,  while  Figures  7-19 
and  7-20  show  the  solutions  for  the  higher  temperature  (275°C)  case.  Each  figure  shows 
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Figure  7-15;  Normalized  (to  space  velocity)  Average  Net  Power  Consumption  over 
Course  of  Experimentation  for  Reactor  Zones  1 through  3 Using  Chemical  Grade 

Feedstock  at  255°C 
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Figure  7-16:  Normalized  (to  space  velocity)  Average  Net  Power  Consumption  over 
Course  of  Experimentation  for  Reactor  Zones  4 through  6 Using  Chemical  Grade 

Feedstock  at  255°C 
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Figure  7-17:  Calculated  Rate  Constant  over  Course  of  Experimentation  Using  Chemical 

Grade  Feedstock  at  255°C 
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Figure  7-18:  Calculated  Rate  Constant  over  Course  of  Experimentation  Excepting 
Outliers  (shown  as  open)  Using  Chemical  Grade  Feedstock  at  255°C 


A UW  A 

Rate  Constant,  km  (s  ) c Rate  Constant,  km  (s  ) 


154 


Run  Time  (hr) 


7-19:  Calculated  Rate  Constant  over  Course  of  Experimentation  Using  Chemical 

Grade  Feedstock  at  275°C 
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Figure  7-20:  Calculated  Rate  Constant  over  Course  of  Experimentation  Excepting 
Outliers  (shown  as  open)  Using  Chemical  Grade  Feedstock  at  275°C 
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the  calculated  mean  as  well  as  the  95%  confidence  interval  (±2ct)  for  each  data  set.  For 
each  temperature,  two  different  figures  are  shown,  one  which  includes  all  data  points  for 
the  specified  experimental  case,  another  which  eliminates  possible  “outlier”  data  points 
from  the  mean  and  standard  deviation  analysis. 

Two  observations  are  clear  from  an  examination  of  the  rate  constant  data  for  the 
chemical  grade  experimental  case.  First,  there  does  not  appear  to  be  a trend  (increasing  or 
decreasing)  in  the  rate  constant  value  over  the  course  of  experimentation.  This  would 
indicate,  as  expected,  that  there  was  no  noticeable  degradation  of  the  catalyst  over  the 
duration  of  operation  investigated.  Second,  it  is  clear  that  there  is  a significant  range  of 
uncertainty  associated  with  the  results.  While  this  makes  determination  of  the  “correct” 
value  for  the  rate  constant  for  a specific  set  of  operating  conditions  difficult,  it  does  not 
necessarily  mitigate  the  usefulness  of  the  data  in  this  parametric  study.  This  will  become 
apparent  as  other  experimental  data  are  presented  and  compared  to  the  chemical  grade 
feedstock  case. 

Summary  of  Chemical  Grade  Feedstock  Results 

Experimentation  using  chemical  grade  methanol  feedstock  established  the 
following  points: 

1)  Steam  reforming  of  methanol  at  relatively  low  temperatures  (250°C-300°C) 
without  a catalyst  was  not  effective,  and  therefore  impractical  for  fuel  cell 
applications. 

2)  For  the  existing  experimental  rig,  a premixed  feedstock  of  methanol  and  water  was 
found  to  be  an  effective  means  of  maintaining  a constant  reaction  stoichiometry 
between  experimental  runs. 
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3)  Methanol  conversion  data  corresponded  favorably  with  work  done  by  previous 
researchers. 

4)  Experimental  data  for  reformate  composition  and  chemical  equilibrium 
calculations  were  in  general  agreement,  which  allowed  for  the  use  of  chemical 
equilibrium  calculations  in  the  reactor  model. 

5)  Methanol  conversion  data  was  confirmed  by  the  balance  of  carbon,  oxygen,  and 
hydrogen  atoms  into  and  out  of  the  reactor,  as  well  as  measured  and  calculated 
reactor  power  requirements. 

6)  There  was  no  apparent  degradation  of  the  catalyst  over  the  time  scale  used  for  this 
research. 

7)  A baseline  reaction  rate  constant  was  established  for  two  reaction  temperatures  that 
can  be  used  as  a reference  value  for  contaminated  feedstock  evaluation. 


Mineral  Oil  Contaminated  Feedstock 
Mineral  oil  contaminated  feedstoek  results  (and  subsequent  contaminated 
feedstock  results)  are  presented  in  much  the  same  way  as  chemical  grade  feedstock 
results.  Refer  to  the  previous  section  for  details  on  common  nomenclature  and  analysis 
techniques. 

Conversion  and  Reaction  Rate  Data 

Fractional  methanol  conversion  data  for  mineral  oil  contaminated  feedstock  at  a 
reaction  temperature  of  255°C  is  shown  in  Figure  7-21.  Using  this  data,  a contamination 
adjusted  rate  constant,  defined  as 
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was  solved  for  each  numbered  data  point  and  is  shown  in  Figure  7-22.  Also  shown  on 
Figure  7-22  is  the  total  volume  of  mineral  oil  “processed”  (this  term  is  used  loosely  here 
because  the  mineral  oil  probably  passed  through  the  reactor  unreacted)  by  the  reactor 
over  the  course  of  experimentation  for  a single  catalyst  load. 


Table  7-3:  Data  Table  for  Mineral  Oil  Case  at  255°C 


Run 

# 

Run 

Time 

(hr) 

% Mineral  Oil 
by  Mass 

Space 

Velocity  (hr'*) 

Fractional 

Methanol 

Conversion 

Level 

Contamination 
Adjusted  Rate 
Constant 

1 

2.4 

0.05 

1.01 

0.997 

7.32 

2 

4.8 

0.05 

1.02 

0.995 

6.67 

o 

J 

7.2 

0.05 

1.00 

0.992 

5.90 

4 

9.6 

0.05 

0.97 

0.992 

5.72 

5 

12.0 

0.05 

1.62 

0.952 

5.67 

6 

14.4 

0.05 

1.60 

0.952 

5.61 

7 

16.8 

0.05 

1.72 

0.933 

5.27 

8 

19.2 

0.05 

1.66 

0.928 

4.94 

9 

21.6 

0.1 

0.98 

0.951 

3.78 

10 

24.0 

0.1 

0.95 

0.951 

3.30 

11 

26.4 

0.1 

1.07 

0.920 

3.04 

12 

28.8 

0.1 

1.01 

0.917 

2.82 

13 

31.2 

0.1 

1.54 

0.842 

3.02 

14 

33.6 

0.1 

1.49 

0.843 

2.96 

15 

36.0 

0.1 

1.81 

0.718 

2.31 

16 

38.4 

0.1 

1.77 

0.733 

2.34 

17 

40.8 

0 

1.12 

0.794 

1.85 

18 

43.2 

0 

1.14 

0.808 

1.99 

19 

45.6 

0 

1.15 

0.783 

1.80 

20 

48.0 

0 

1.12 

0.803 

1.92 

21 

50.4 

0 

1.78 

0.764 

2.60 

22 

52.8 

0 

1.82 

0.719 

2.32 

By  examination  of  Figure  7-22  it  is  clear  that  there  was  a dramatic  and  nearly 
immediate  affect  of  even  very  small  quantities  of  mineral  oil  on  the  methanol  conversion 
capability  of  the  reactor.  Note  that  initially  the  reaction  rate  was  similar  to  the  chemical 
grade  feedstock  mean  rate,  but  after  only  1 5 hours  of  run  time  and  less  than  2ml  of 
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Figure  7-21:  Fractional  Methanol  Conversion  Using  Mineral  Oil  Contaminated  Feedstock 

at  255°C 
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Figure  7-22:  Calculated  Contamination  Adjusted  Rate  Constant  and  Volume  of  Mineral 
Oil  “Processed”  over  Course  of  Experimentation  Using  Mineral  Oil  Contaminated 

Feedstock  at  255°C 
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mineral  oil  “processed”,  the  adjusted  reaction  rate  had  dropped  by  nearly  25%.  By  the 
time  35  hours  of  operation  had  passed,  the  rate  was  only  about  30%  of  the  baseline  value 
established  during  chemical  grade  feedstock  experimentation.  Starting  with  run  #16, 
notice  that  no  additional  mineral  oil  was  added,  as  chemical  grade  (uncontaminated) 
feedstock  was  used  from  that  point  forward.  This  was  done  in  an  attempt  to  determine  if 
it  was  possible  to  reverse  the  detrimental  effect  of  the  mineral  oil  on  the  conversion 
process.  From  the  data  shown  it  is  clear,  at  least  for  the  time  scale  indicated,  that  the 
reduction  in  the  reaction  rate  affected  by  the  mineral  oil  was  a non-reversible  process 
under  stated  operating  conditions. 

Figures  7-23  and  7-24  show  fractional  methanol  conversion  and  conversion  rate 
data  for  a reaction  temperature  of  275°C.  The  data  presented  is  very  similar  in  nature  to 
the  255°C  case  and  therefore  requires  no  further  discussion. 


Table  7-4:  Data  Table  for  Mineral  Oi 

Case  at  275°C 

Run 

# 

Run 

Time 

(hr) 

% Mineral  Oil 
by  Mass 

Space 

Velocity  (hr'*) 

Fractional 

Methanol 

Conversion 

Level 

Contamination 
Adjusted  Rate 
Constant 

1 

2.4 

0.05 

2.12 

0.995 

14.37 

2 

4.8 

0.05 

2.14 

0.995 

14.50 

3 

7.2 

0.05 

2.10 

0.991 

12.50 

4 

9.6 

0.05 

2.04 

0.990 

11.84 

5 

12.0 

0.1 

2.06 

0.961 

8.01 

6 

14.4 

0.1 

2.01 

0.956 

7.51 

7 

16.8 

0.1 

2.25 

0.936 

7.30 

8 

19.2 

0.1 

2.12 

0.911 

5.91 

9 

21.6 

0 

2.35 

0.891 

5.95 

10 

24.0 

0 

2.39 

0.886 

5.85 

Using  the  contamination  adjusted  rate  constant  defined  in  equation  7.5  and  shown 
in  Figures  7-22  and  7-24,  a value  for  the  contamination  constant  {(f>c)  was  solved  for  by 


Adjusted  Rate  Constant,  kmc  (s  ) Fractional  Methanol  Conversion, 
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7-23:  Fractional  Methanol  Conversion  Using  Mineral  Oil  Contaminated  Feedstock 

at  275°C 
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Figure  7-24:  Calculated  Contamination  Adjusted  Rate  Constant  and  Volume  of  Mineral 
Oil  “Processed”  over  Course  of  Experimentation  Using  Mineral  Oil  Contaminated 

Feedstock  at  275°C 
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(7.6) 

k„,c 

assuming  that  the  value  of  the  non-adjusted  constant  (km)  was  the  value  determined  as  the 
mean  rate  during  chemical  grade  experimentation. 

Utilizing  equation  7.6,  <f>c  was  calculated  for  each  temperature  case  as  a function 
of  total  mineral  oil  “processed”,  and  the  results  are  shown  in  Figures  7-25  and  7-26.  In 
each  case  there  appears  to  be  a fairly  linear  relationship  between  the  amount  of  oil 
“processed”  and  value  of  the  contamination  factor.  Although  it  would  require  more  data 
to  confirm,  it  is  probable  that  the  effect  of  the  mineral  oil  is  in  fact  logarithmic,  as  it  is 
clear  that  the  contamination  factor  cannot  increase  indefinitely.  Based  on  the  value  of  the 
slope  shown  in  the  figures,  the  higher  temperature  case  appears  to  be  somewhat  less 
affected  by  the  mineral  oil  contaminant. 

Gas  Chromatograph  Data 

Analysis  of  dry  reformate  gas  samples  using  the  gas  chromatograph  yielded  the 
results  shown  in  Figures  7-27  and  7-28.  Much  like  the  chemical  grade  feedstock  results, 
the  trend  for  each  set  of  data  correlates  with  equilibrium  results,  although  there  was  some 
variation  in  the  results  from  equilibrium  values.  Based  on  the  data  presented,  the  presence 
of  mineral  oil  in  the  feedstock  methanol  does  not  appear  to  have  any  noticeable  effect  on 
the  expected  product  composition  of  the  methanol-steam  reaction. 

Atom  Balance 

As  with  the  chemical  grade  feedstock,  an  atom  balance  using  the  inlet  and  exit 
flows  of  the  reactor  was  a method  of  validating  experimental  results.  Figures  7-29,  7-30, 
and  7-3 1 show  the  imbalance  of  product  atoms  to  reactant  atoms  for  carbon,  oxygen,  and 
hydrogen,  respectively. 
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Figure  7-25:  Calculated  Contamination  Correction  Factor  Using  Mineral  Oil 
Contaminated  Feedstock  at  255°C 


Figure  7-26:  Calculated  Contamination  Correction  Factor  Using  Mineral  Oil 
Contaminated  Feedstock  at  275°C 
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7-27:  Dry  CO  Content  in  Reformate  Using  Mineral  Oil  Contaminated  Feedstock 

at  255°C 
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Figure  7-28:  Dry  CO2  Content  in  Reformate  Using  Mineral  Oil  Contaminated  Feedstock 

at  255°C 
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Upon  examination  of  Figures  7-29  and  7-30,  there  is  a clear  trend  of  increasing 
atom  imbalance  (either  positive  or  negative)  with  decreasing  fractional  methanol 
conversion.  Indeed,  as  methanol  conversion  approaches  1 00%,  the  atom  imbalance  for 
both  carbon  and  oxygen  appears  to  approach  zero.  This  evidence  tends  to  confirm  the 
assumption  that  the  experimental  method  used  was  more  accurate  at  higher  levels  of 
methanol  conversion.  Figure  7-31  indicates  that,  much  like  the  chemical  grade  feedstock 
case,  the  quantity  of  hydrogen  in  the  reaction  product  was  slightly  over-estimated,  and 
there  was  no  clear  trend  with  methanol  conversion  levels. 

Power  Measurement 

Figure  7-32  shows  the  measured  net  and  calculated  net  normalized  power  for  the 
entire  reactor  using  mineral  oil  contaminated  feedstock  at  255°C.  There  was  general 
agreement  between  the  data  shown  for  higher  conversion  levels  (>80%)  and  equilibrium 
values  when  correlated  with  fractional  conversion  values  tabulated  in  Table  7-3.  That  is, 
the  net  power  consumed  is  comparable  to  what  would  be  expected  at  similar  conversion 
levels  based  on  the  equilibrium  model.  However,  as  the  conversion  level  continued  to 
drop  (as  the  total  run  time  increased),  there  was  considerable  difference  between  the 
experimental  and  equilibrium  values.  This  is  further  evidence  that  the  accuracy  of 
experimental  measurements  diminished  with  decreasing  methanol  conversion  level. 

Figures  7-33  and  7-34  show  the  normalized  net  power  for  each  zone  (1  through  3 
and  4 through  6,  respectively)  over  the  course  of  experimentation  using  mineral  oil 
contaminated  feedstock  at  255°C.  Examination  of  zone  1 data  indicates  an  immediate  and 
substantial  drop  in  the  normalized  power  requirements  for  that  section.  This  observation 
is  consistent  with  the  assumption  that  some  form  of  catalyst  degradation  was  occurring  as 


165 


Figure  7-29:  Imbalance  of  Carbon  Product  Atoms  to  Carbon  Reactant  Atoms  Using 
Mineral  Oil  Contaminated  Feedstock  at  255°C 
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Figure  7-30:  Imbalance  of  Oxygen  Product  Atoms  to  Oxygen  Reactant  Atoms  Using 
Mineral  Oil  Contaminated  Feedstock  at  255°C 
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Figure  7-31:  Imbalance  of  Hydrogen  Product  Atoms  to  Hydrogen  Reactant  Atoms  Using 
Mineral  Oil  Contaminated  Feedstock  at  255°C 


SI 

I 

k. 

o 

s 

o 

Q. 

■o 

0> 

_N 

15 

E 

o 

z 


90 

80 

70 

60 

50 

40 

30 

20 


equilibrium  solution 

260°C,  1.5:1  HjO:C n 

^ conversion  indicated  4 
100% 



““A. 

90% 



■ ■ 

^ ^ - : - : — - ^ 

70% 

. 1 

A 

A 

[ - * -■  * 

^ A 

A 

■ Measured  Net 

A 

A Calculated  Net 

A 

10 


20  30  40 

Run  Time  (hr) 


50 


60 


Figure  7-32:  Measured  and  Calculated  Normalized  (to  space  velocity)  Total  Reactor 
Average  Power  Levels  over  Course  of  Experimentation  Using  Mineral  Oil  Contaminated 

Feedstock  at  255°C 


Normalized  Power  Normalized  Power  Normalized  Power 

(W/hr-^)  (W/hr'^)  (W/hr"') 


167 


Run  Time  (hr) 


30 
25 
20 
15 
10 
5 
0 

0 10  20  30  40  50  60 

Run  Time  (hr) 


Figure  7-33:  Normalized  (to  space  velocity)  Average  Net  Power  Consumption  over 
Course  of  Experimentation  for  Reactor  Zones  1 through  3 Using  Mineral  Oil 
Contaminated  Feedstock  at  255°C 
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Figure  7-34:  Normalized  (to  space  velocity)  Average  Net  Power  Consumption  over 
Course  of  Experimentation  for  Reactor  Zones  4 through  6 Using  Mineral  Oil 
Contaminated  Feedstock  at  255°C 
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experimentation  proceeded.  Zone  2 data  is  similar  to  zone  1 , except  that  the  drop  in 
power  consumption  is  not  as  pronounced.  Note  that  the  power  values  shown  are 
significantly  below  what  would  be  expected  using  chemical  grade  (uncontaminated) 
feedstock.  Zone  3 shows  a relatively  constant  value  for  normalized  net  power  at  a value 
similar  to  the  chemical  grade  case.  Zones  4 and  5 each  show  a slight  increase  in  power 
usage  during  the  initial  stages  of  experimentation  (<15hrs)  followed  by  a leveling  off  of 
input  power  at  approximately  9 W/hf'.  Zone  6 shows  a steady  increase  (although  small) 
in  input  power  over  the  course  of  experimentation. 

One  interesting  observation  of  the  data  presented  in  Figures  7-33  and  7-34  is  the 
apparent  trend  of  each  heating  zone  to  “migrate”  to  a specific  normalized  power  level,  in 
this  case  9-10  W/hr‘'.  This  could  be  the  result  of  a “saturation”  level  being  reached  at 
which  point  no  additional  degradation  of  the  catalyst  will  occur.  However,  additional 
experimental  data  would  be  required  to  confirm  this  hypothesis. 

Unreacted  Mineral  Oil 

Upon  examination  of  the  condensate  collected  at  the  conclusion  of  each 
experimental  run,  some  type  of  oil  was  visibly  noticeable  on  the  surface  of  the 
condensate.  This  indicated  that  at  least  a portion  of  the  oil  from  the  feedstock  fuel  was 
passing  through  the  reactor  at  least  partially  unreacted.  Note  that  this  was  possible 
because  of  the  low  concentration  of  methanol  present  in  the  condensate  relative  to  the 
inlet  premix;  as  a result,  less  oil  would  go  into  solution. 

Summary  of  Mineral  Oil  Contaminated  Feedstock  Results 

Experimentation  using  mineral  oil  contaminated  feedstock  established  the 


following  points: 
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1)  The  presence  of  even  small  (0.05%  by  mass)  quantities  of  mineral  oil  in  the 
feedstock  methanol  resulted  in  an  immediate  and  substantial  degradation  of  the 
steam  reforming  catalyst  at  typical  methanol  steam-reforming  conditions. 

2)  The  degradation  of  the  catalyst  by  the  mineral  oil  was  not  reversed  using 
uncontaminated  feedstock  at  typical  operating  conditions  and  an  operation  time  of 
several  hours. 

3)  The  presence  of  mineral  oil  in  the  feedstock  methanol  did  not  affect  the  product 
gas  (reformate)  composition  directly,  only  by  a reduction  in  the  conversion  level. 

4)  There  was  possibly  a “saturation”  limit  at  which  additional  mineral  oil  did  not 
adversely  affect  the  reforming  process,  although  by  that  point  significant  damage 
had  already  occurred.  However,  the  “saturation”  limit  described  resulted  in  a 
conversion  level  that  was  still  considerably  higher  than  the  non-catalytic  case. 

5)  Oil  was  present  in  the  condensate  collected  after  each  experimental  run,  indicating 
a portion  of  the  contaminant  oil  was  passing  through  the  reactor  at  least  partially 
unreacted. 

6)  The  rate  of  degradation  of  the  catalyst  by  the  mineral  oil  appeared  to  decrease  with 
an  increase  in  reaction  temperature. 

Kerosene  Contaminated  Feedstock 
Conversion  and  Reaction  Rate  Data 

Figures  7-35  and  7-36  show  fractional  methanol  conversion  and  adjusted 
conversion  rate  constant  data,  respectively,  for  kerosene  contaminated  feedstock  at 
255°C.  Figure  7-36  indieates  that  there  was  a moderate  effect  (compared  to  the  mineral 
oil  case)  of  the  kerosene  contaminant  on  the  steam  reforming  process.  After 
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approximately  25  hours  of  operation  and  12ml  of  kerosene  “processed”,  the  initial  rate 
constant  had  been  reduced  by  about  25%.  As  with  the  mineral  oil  contaminant, 
subsequent  runs  using  chemical  grade  methanol  did  not  appear  to  recover  any  of  the  lost 
reforming  capability  of  the  catalyst. 


Table  7-5:  Data  Table  for  Kerosene  Case  at  255°C 


Run 

# 

Run 

Time 

(hr) 

% Kerosene 
by  Mass 

Space 

Velocity  (hr'*) 

Fractional 

Methanol 

Conversion 

Level 

Contamination 
Adjusted  Rate 
Constant 

1 

2.4 

0.1 

1.01 

0.999 

9.03 

2 

4.8 

0.1 

0.98 

0.999 

8.76 

3 

7.2 

0.1 

1.61 

0.987 

8.43 

4 

9.6 

0.1 

1.58 

0.989 

8.64 

5 

12.0 

0.1 

1.77 

0.979 

8.14 

6 

14.4 

0.1 

1.74 

0.981 

8.23 

7 

16.8 

0.5 

1.18 

0.983 

6.58 

8 

19.2 

0.5 

1.17 

0.984 

5.81 

9 

21.6 

0.5 

1.15 

0.984 

5.71 

10 

24.0 

0.5 

1.72 

0.956 

6.22 

11 

26.4 

0.5 

1.67 

0.969 

6.82 

12 

28.8 

0.5 

1.60 

0.959 

5.94 

13 

31.2 

1.0 

1.57 

0.969 

6.41 

14 

33.6 

0 

1.70 

0.947 

5.77 

15 

36.0 

0 

1.68 

0.963 

6.46 

16 

38.4 

0 

1.00 

0.984 

4.96 

17 

40.8 

0 

0.97 

0.986 

4.99 

From  the  data  presented  in  Figure  7-36,  it  appears  that  the  initial  rate  constant  for 
the  kerosene  case  was  in  fact  slightly  higher  than  the  chemical  grade  (baseline)  case.  This 
was  most  likely  due  to  slight  variations  in  the  catalyst  loading  of  the  reactor  assembly 
and/or  the  reduction  of  the  catalyst.  Although  great  care  was  taken  to  eliminate  the 
reduction  of  the  catalyst  as  an  experimental  variable,  there  was  no  guaranteed  method  of 
ensuring  identical  reduction  procedures  between  catalyst  loads.  In  any  case,  the  change  in 
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Figure  7-35:  Fractional  Methanol  Conversion  Using  Kerosene  Contaminated  Feedstock 

at  255°C 
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Figure  7-36:  Calculated  Contamination  Adjusted  Rate  Constant  and  Volume  of  Kerosene 
“Processed”  over  Course  of  Experimentation  Using  Kerosene  Contaminated  Feedstock  at 


255°C 
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the  rate  constant  from  its  initial  value  (rather  than  its  absolute  value)  was  adequate  to 
indicate  degradation  of  the  catalyst. 

Figure  7-37  shows  the  calculated  contamination  correction  factor  based  on  the 
data  presented  in  Figure  7-36.  While  the  linear  approximation  shown  does  not  fit  the  data 
particularly  well,  the  slope  of  the  line  gives  an  indication  of  the  magnitude  of  the 
contaminating  effect  relative  to  the  mineral  oil  case.  Based  on  the  volume  of  the 
contaminant  “processed”,  the  mineral  oil  resulted  in  an  increase  in  the  contamination 
factor  at  a rate  at  least  an  order  of  magnitude  greater  than  with  the  kerosene  contaminant. 
Gas  Chromatograph  Data 

Figures  7-38  and  7-39  show  the  results  of  dry  reformate  analysis  while  using 
kerosene  contaminated  feedstock.  Results  are  similar  to  both  chemical  grade  and  mineral 
oil  results,  and  indicate  that  the  kerosene  present  in  the  methanol  feedstock  does  not  have 
a direct  effect  on  the  composition  of  the  non-condensed  reformate. 

Atom  Balance 

Figures  7-40  through  7-42  show  the  atom  imbalance  between  the  products  and  the 
reactants  for  carbon,  oxygen,  and  hydrogen,  respectively.  The  trends  shown  are  similar  to 
those  seen  using  chemical  grade  and  mineral  oil  contaminated  feedstock.  Namely,  the 
accuracy  of  the  experimental  data  seems  to  decrease  as  the  methanol  conversion  level 
decreases,  and  the  quantity  of  hydrogen  in  the  products  was  slightly  over-estimated. 
Power  Measurement 

Figure  7-43  shows  the  measured  net  and  calculated  net  normalized  power  for  the 
entire  reactor  during  kerosene  contaminated  feedstock  experimentation.  While  the 
calculated  values  shown  were  in  very  good  agreement  with  equilibrium  values,  the 
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Figure  7-37:  Calculated  Contamination  Correction  Factor  Using  Kerosene  Contaminated 

Feedstock  at  255°C 
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Figure  7-38:  Dry  CO  Content  in  Reformate  Using  Kerosene  Contaminated  Feedstock  at 

255°C 
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Figure  7-39:  Dry  CO2  Content  in  Reformate  Using  Kerosene  Contaminated  Feedstock  at 

255°C 


176 


o> 

u 

c 

w 

re 

E 


c 

o 

£3 

L_ 

re 

O 


Fractional  Methanol  Conversion, 


Figure  7-40:  Imbalance  of  Carbon  Product  Atoms  to  Carbon  Reactant  Atoms  Using 
Kerosene  Contaminated  Feedstock  at  255°C 
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Figure  7-41:  Imbalance  of  Oxygen  Product  Atoms  to  Oxygen  Reactant  Atoms  Using 
Kerosene  Contaminated  Feedstock  at  255°C 
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7-42:  Imbalance  of  Hydrogen  Product  Atoms  to  Hydrogen  Reactant  Atoms  Using 
Kerosene  Contaminated  Feedstock  at  255°C 
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Figure  7-43:  Measured  and  Calculated  Normalized  (to  space  velocity)  Total  Reactor 
Average  Power  Levels  over  Course  of  Experimentation  Using  Kerosene  Contaminated 

Feedstock  at  255°C 
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measured  quantities  were  slightly  above  the  expected  (equilibrium)  value.  This  was  most 
likely  due  to  the  under-estimation  of  heat  loss  from  the  reactor  to  the  environment. 

Figures  7-44  and  7-45  show  the  normalized  net  power  consumption  for  each  zone 
of  the  reactor.  Most  of  the  reaction  zones  show  a fairly  constant  power  requirement, 
although  zone  1 does  appear  to  drop  somewhat  as  experimentation  proceeded.  In  each 
case  the  data  does  not  closely  match  data  obtained  during  chemical  grade 
experimentation.  This  is  a possible  indication  that  the  heat  transfer  dynamics  of  the 
reactor  are  dependent  on  the  loading  of  the  catalyst  into  the  reactor,  and  therefore  quite 
complex. 

Summary  of  Kerosene  Contaminated  Feedstock  Results 

Experimentation  using  kerosene  contaminated  feedstock  established  the  following 

points: 

1)  Small  (0.1%  to  0.5%  by  mass)  quantities  of  kerosene  contaminant  in  the  feedstock 
methanol  resulted  in  a gradual  degradation  of  the  steam  reforming  catalyst  at  typical 
reforming  conditions. 

2)  The  rate  of  degradation  of  the  catalyst  due  to  the  contaminant  was  at  least  an  order 
of  magnitude  less  than  in  the  mineral  oil  contaminant  case. 

3)  The  degradation  of  the  catalyst  was  irreversible  using  chemical  grade  feedstock  at 
typical  operating  conditions  and  several  hours  of  operation. 

4)  The  presence  of  kerosene  in  the  feedstock  methanol  did  not  effect  the  product  gas 
(reformate)  composition  directly. 


Normalized  Power  Normalized  Power  Normalized  Power 
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Figure  7-44;  Normalized  (to  space  velocity)  Average  Net  Power  Consumption  over 
Course  of  Experimentation  for  Reactor  Zones  1 through  3 Using  Kerosene  Contaminated 

Feedstock  at  255°C 
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Figure  7-45:  Normalized  (to  space  velocity)  Average  Net  Power  Consumption  over 
Course  of  Experimentation  for  Reactor  Zones  4 through  6 Using  Kerosene  Contaminated 

Feedstock  at  255°C 


5)  There  was  some  indication  from  power  measurements  that  the  heat  transfer 
characteristics  of  the  reactor  were  dependent  upon  the  catalyst  loading  and/or 
reduction  procedure. 
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Isooctane  Contaminated  Feedstock 
Conversion  and  Reaction  Rate  Data 

The  methanol  conversion  data  obtained  during  experimentation  using  isooctane 
contaminated  feedstock  at  255°C  is  shown  in  Figure  7-46.  Notice  that  the  data  is  very 
similar  to  that  shown  in  Figure  7-3,  which  is  the  methanol  conversion  data  for  the 
chemical  grade  feedstock  case  at  the  same  temperature.  The  rate  at  which  methanol 
conversion  decreases  with  space  velocity  is  similar  to  the  chemical  grade  case,  and  the 
99%  conversion  level  is  approximately  1 .2,  as  in  the  chemical  grade  case. 

Figure  7-47  shows  the  calculated  adjusted  rate  constant  for  the  isooctane 
contaminated  feedstock  results.  Also  shown  in  the  figure  are  the  mean  and  the  95% 
confidence  interval  for  the  data  presented.  A comparison  of  these  data  to  the  chemical 
grade  data  shown  in  Figure  7-18  is  shovm  in  Table  7-6. 


Table  7-6:  Comparison  of  Isooctane  Contaminated  Feedstock  and  Chemical  Grade 


Feedstock  Reaction  Rate  Data 


Feedstock 

St 

tatistical  Parameter 

-2g 

Mean 

+2ct 

Isooctane  Contaminated 

5.44 

7.18 

8.91 

Chemical  Grade 

5.80 

7.19 

8.59 

It  is  clear  from  the  data  presented  in  Table  7-3  that  there  was  little  difference 
between  the  reaction  rate  using  isooctane  contaminated  feedstock  as  compared  to 
chemical  grade  feedstock.  Figure  7-48  further  illustrates  this  point  by  showing  the 
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Figure  7-46:  Fractional  Methanol  Conversion  Using  Isooctane  Contaminated  Feedstock 

at  255°C 
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Figure  7-47:  Calculated  Contamination  Adjusted  Rate  Constant  and  Volume  of  Isooctane 
“Processed”  over  Course  of  Experimentation  Using  Isooctane  Contaminated  Feedstock  at 

255°C 
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calculated  correction  factor  for  the  reaction  rate  data  obtained  using  isooctane 
contaminated  feedstock.  Since  the  value  calculated  was  nearly  zero  in  all  cases,  this 
indicates  that  there  was  no  measurable  contamination  of  the  catalyst  was  occurring  over 
the  course  of  experimentation. 


Table  7-7:  Data  Table  for  Isooctane  Case  at  255°C 


Run 

# 

Run 

Time 

(hr) 

% Isooctane 
by  Mass 

Space 

Velocity  (hr'*) 

Fractional 

Methanol 

Conversion 

Level 

Contamination 
Adjusted  Rate 
Constant 

1 

2.4 

0.1 

0.84 

0.999 

7.51 

2 

4.8 

0.1 

0.86 

0.999 

7.69 

3 

7.2 

0.1 

1.02 

0.997 

7.40 

4 

9.6 

0.1 

1.40 

0.995 

9.15 

5 

12.0 

0.5 

1.04 

0.997 

7.54 

6 

14.4 

0.5 

1.16 

0.989 

6.34 

7 

16.8 

0.5 

1.50 

0.982 

7.21 

8 

19.2 

0.5 

1.45 

0.981 

6.86 

9 

21.6 

1.0 

1.02 

0.992 

6.01 

10 

24.0 

1.0 

1.38 

0.984 

6.85 

11 

26.4 

0 

1.03 

0.989 

5.63 

12 

28.8 

0 

1.46 

0.981 

6.91 

13 

31.2 

0 

1.70 

0.979 

7.82 

14 

33.6 

0 

1.72 

0.976 

7.60 

Atom  Balance  and  Gas  Chromatograph  Data 

Figures  7-49,  7-50,  and  7-51  show  the  atom  imbalance  between  the  products  and 
reactants  for  carbon,  oxygen,  and  hydrogen,  respectively.  As  expected,  these  figures 
show  similar  trends  as  those  seen  throughout  the  course  of  experimentation  with  all  types 
of  feedstock  methanol. 

Figures  7-52  and  7-53  show  the  dry  reformate  gas  analysis  data  obtained  from  the 
gas  chromatograph.  Again,  these  values  follow  chemical  equilibrium  values  closely. 


Carbon  Imbalance  (%)  c Contamination  Factor, 
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7-48:  Calculated  Contamination  Correction  Factor  Using  Isooctane  Contaminated 

Feedstock  at  255°C 
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Figure  7-49:  Imbalance  of  Carbon  Product  Atoms  to  Carbon  Reactant  Atoms  Using 
Isooctane  Contaminated  Feedstock  at  255°C 
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Figure  7-50:  Imbalance  of  Oxygen  Product  Atoms  to  Oxygen  Reactant  Atoms  Using 
Isooctane  Contaminated  Feedstock  at  255°C 


Figure  7-51:  Imbalance  of  Hydrogen  Product  Atoms  to  Hydrogen  Reactant  Atoms  Using 
Isooctane  Contaminated  Feedstock  at  255°C 
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Figure  7-52:  Dry  CO  Content  in  Reformate  Using  Isooctane  Contaminated  Feedstock  at 

255°C 
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Figure  7-53:  Dry  CO2  Content  in  Reformate  Using  Isooctane  Contaminated  Feedstock  at 

255°C 
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Summary  of  Isooctane  Contaminated  Feedstock  Results 

Experimentation  using  isooctane  contaminated  feedstock  established  the 
following  points: 

1)  Small  (<1 .0%  by  mass)  quantities  of  isooctane  present  in  the  methanol  feedstock 
resulted  in  no  noticeable  reduction  in  the  reforming  capacity  of  the  reactor  for  the 
period  of  operation  investigated  (~30hrs). 

2)  The  presence  of  isooctane  in  the  feedstock  methanol  did  not  effect  the  product  gas 
(reformate)  composition. 


Summary  and  Discussion 

The  results  presented  in  this  chapter  were  obtained  over  the  course  of 
experimentation  using  the  experimental  rig  and  methods  described  in  previous  chapters. 
Overall,  four  different  types  of  methanol  feedstock  were  investigated,  including  a 
chemical  grade  feedstock  and  three  contaminated  feedstocks  containing  mineral  oil, 
kerosene,  or  isooctane  as  hydrocarbon  contaminants. 

Results  from  chemical  grade  feedstock  experimentation  showed  that  the 
experimental  rig  was  capable  of  steam  reforming  methanol  in  accordance  with  design 
specifications.  Comparison  of  the  data  obtained  in  the  current  study  with  results 
published  by  other  researchers  showed  good  agreement  in  the  rate  of  methanol 
conversion  using  a similar  catalyst  at  similar  operating  conditions.  Methanol  conversion 
results  were  confirmed  by  auxiliary  data  sources,  including  the  amount  of  energy 
required  to  maintain  the  reaction  temperature,  as  well  as  a balance  of  reactant  and 
product  quantities  of  atomic  carbon,  oxygen,  and  hydrogen.  Analysis  of  reformate  gas 
samples  indicated  that  the  products  of  the  steam  reforming  reaction  were  in  good 


188 


agreement  with  values  predicted  by  chemical  equilibrium  theory.  This  observation 
allowed  for  chemical  equilibrium  values  to  be  used  as  required  (for  the  plug  flow  reactor 
model)  to  provide  species  concentrations  as  a function  of  reaction  temperature,  reactant 
H20:C  ratio,  and  fractional  methanol  conversion.  Finally,  the  plug  flow  reactor  model 
developed  in  Chapter  3 was  utilized  to  solve  for  the  reaction  rate  constant  for  the 
methanol  steam-reforming  reaction  at  two  different  reaction  temperatures. 

Experimentation  using  contaminated  feedstock  proceeded  in  a similar  manner  as 
the  chemical  grade  feedstock  investigation.  In  each  case,  it  was  found  that  the  presence  of 
the  contaminant  hydrocarbon  in  the  feedstock  methanol  did  not  result  in  any  noticeable 
effect  on  the  expected  products  of  the  reforming  process.  Analysis  of  reformate  gas 
samples  were  similar  to  those  obtained  using  chemical  grade  feedstock,  and  closely 
matched  chemical  equilibrium  results. 

The  mineral  oil  contaminant  was  found  to  have  an  immediate  and  substantial 
impact  on  the  reforming  capability  of  the  reforming  rig.  After  only  several  hours  of 
operation  the  reaction  rate  (defined  by  the  contaminant  adjusted  rate  constant)  had  been 
reduced  by  25%,  and  further  operation  reduced  the  rate  constant  by  a total  of  nearly  75%. 
In  addition,  it  was  clear  that  at  least  a portion  of  the  mineral  oil  was  passing  through  the 
reactor  unreacted,  as  a quantity  of  some  type  of  oil  was  present  in  the  collected  reaction 
product  condensate. 

The  kerosene  contaminant  was  found  to  have  a moderate  (compared  to  the 
mineral  oil  case)  impact  on  the  reforming  capability  of  the  rig.  By  comparing  the  amount 
of  contaminant  processed  (by  volume)  to  the  reduction  in  the  adjusted  reaction  rate 
constant,  it  was  found  that  the  mineral  oil  reduced  the  rate  constant  at  a rate  at  least  an 
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order  of  magnitude  greater  than  in  the  kerosene  case.  In  both  cases,  however,  there  was  a 
substantial  reduction  in  the  reaction  rate  constant  after  relatively  short  periods  of 
operation  (<50  hours). 

Using  the  isooctane  contaminated  feedstock,  there  was  no  noticeable  reduction  in 
the  rate  of  reaction  over  the  course  of  experimentation.  The  arithmetic  mean  and  standard 
deviation  of  the  data  set  obtained  for  this  case  were  very  similar  to  the  chemical  grade 
results,  indicating  no  measurable  change  in  the  reforming  capability  of  the  rig.  However, 
it  is  possible  that  any  detrimental  effect  from  the  isooctane  is  so  gradual  that  it  was 
merely  undetectable  using  the  existing  experimental  setup  over  a relatively  short  period 
of  operation. 

The  most  likely  cause  for  the  observed  catalyst  degradation  was  the  fouling  of 
catalyst  pellets  by  the  hydrocarbon  contaminant.  Low  vapor  pressure  hydrocarbons  (such 
as  mineral  oil)  could  have  a tendency  to  enter  the  reactor  in  liquid  form  (either  by 
condensation  or  as  small,  unvaporized  droplets)  and  “coat”  the  catalyst,  thereby 
obstructing  its  microporous  structure  and  effectively  reducing  the  catalytic  surface  area. 
This  hypothesis  is  corroborated  by  the  boiling  point  associated  with  each  of  the 
contaminant  species  used  for  this  research,  which  are  shown  in  Table  7-8. 


Table  7-8:  Boiling  Points  of  Contaminant  Species  at  1 Atmosphere 


Species 

Boiling  Point 

Mineral  Oil 

~300°C 

Kerosene 

~175°C 

Isooctane 

~125°C 

Source:  [41] 


It  is  clear  from  the  data  presented  in  Table  7-8  and  the  observed  effect  of  each 


contaminant  on  the  reforming  process  that  there  is  a direct  correlation  between  the 
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boiling  point  of  a particular  species  and  the  detrimental  effect  of  that  species  on  the 
catalytic  reaction.  There  is  additional  evidence  to  support  this  point  in  the  apparent 
reduction  in  the  rate  of  degradation  of  the  catalyst  during  higher  temperature  (275°C) 
mineral  oil  contaminant  experimentation  (compared  to  the  255°C  case). 

One  of  the  objective  of  this  of  this  investigation  was  to  evaluate  the  results 
obtained  in  the  context  of  use  for  fuel  cell  applications.  Specifically,  low  temperature 
(Phosphoric  Acid  and  PEM)  fuel  cell  systems  are  the  primary  candidates  for  using  a 
methanol  steam-reforming  system  to  provide  a hydrogen-rich  fuel  supply.  For  these  two 
particular  applications,  the  fuel  supply  reaching  the  stack  must  be  essentially  free  of 
hydrocarbon  species  (including  methanol)  to  prevent  damage  to  the  fuel  cell  stack. 
Therefore,  it  is  important  that  1)  the  fuel  processor  provide  a high  level  of  feedstock  fuel 
conversion,  and  2)  any  hydrocarbon  contaminants  in  the  fuel  be  decomposed  (reacted) 
into  specie  that  are  not  potentially  destructive  to  the  fuel  cell.  In  addition,  it  is  important 
that  these  conditions  be  maintained  for  extended  periods  of  operation  (thousands  of 
hours),  as  frequent  replacement  of  the  catalyst  bed  would  be  impractical. 

In  light  of  the  considerations  described,  it  is  apparent  that  contamination  of 
methanol  feedstock  by  either  some  type  of  mineral  oil  or  kerosene  would  render  the 
methanol  fuel  unacceptable  for  use  in  low  temperature  fuel  cell  power  systems. 
Feedstock  methanol  contaminated  with  small  quantities  of  mineral  oil  or  kerosene 
resulted  in  a measurable  decrease  in  the  methanol  conversion  reaction  rate  over  a 
relatively  short  period  of  time.  In  addition,  there  was  evidence  that  some  of  the 
hydrocarbon  contaminant  passed  through  the  reactor  unreacted,  which,  if  passed  on  to  a 
fuel  cell  stack,  could  result  in  irreparable  damage. 
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The  effect  that  a contaminant  such  as  isooctane  might  have  on  a fuel  cell  system 
is  less  certain.  In  the  scope  of  this  research,  there  were  no  noticeable  effects  of  small 
quantities  of  isooctane  present  in  the  feedstock  methanol  on  the  reforming  process. 
However,  extended  periods  of  testing  would  be  required  to  confirm  this  observation.  In 
addition,  it  is  possible,  although  there  was  no  visible  evidence,  that  some  portion  of  the 
isooctane  passed  through  the  reformer  unreacted.  It  is  probable  that  even  small  quantities 
of  isooctane  present  in  the  reformate  would  result  in  damage  to  a fuel  cell  stack. 


CHAPTER  8 

CONCLUSIONS  AND  RECOMMENDATIONS 


Conclusions 

Procedural 

An  experimental  rig  was  successfully  designed  and  fabricated  to  allow  for 
parametric  evaluation  of  variables  affecting  the  methanol  steam-reforming  process.  The 
design  allowed  for  a wide  range  of  operating  conditions,  but  was  also  accommodating  for 
repairs  and  maintenance  to  be  timely  in  the  event  of  component  failure.  Accurate 
temperature  control  and  monitoring  allowed  for  nearly  isothermal  operation.  Eractional 
methanol  conversion  data  and  energy  input  distribution  were  evaluated  to  determine  the 
effect  of  independent  variables,  including  the  composition  of  the  feedstock  fuel,  on  the 
reforming  process. 

The  experimental  rig  operated  according  to  design  objectives.  Initial 
experimentation  using  chemical  grade  methanol  feedstock  proceeded  as  expected,  and 
methanol  conversion  data  compared  favorably  with  work  done  by  other  researchers  using 
similar  catalysts  and  operating  conditions.  Results  indicated  a reasonable  level  of 
repeatability  between  experimental  runs  based  on  the  consistent  relationship  between 
fractional  conversion  of  methanol  feedstock  and  space  velocity. 

The  non-condensed  products  of  the  methanol-steam  reaction  are  accurately 
modeled  by  chemical  equilibrium  theory.  In  addition,  the  presence  of  small  quantities  of 
hydrocarbon  impurities  in  the  methanol  feedstock  does  not  directly  affect  the 
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composition  of  the  non-condensed  reaction  products.  Reformate  gas  analysis  results 
obtained  during  chemical  grade  and  subsequent  contaminated  feedstock  experimentation 
showed  good  agreement  with  chemical  equilibrium  values  as  a function  of  temperature, 
reactant  stoichiometry,  and  methanol  conversion  level.  While  there  was  some  variance  in 
measured  product  gas  composition  about  the  equilibrium  value  for  a specified  operating 
condition,  it  was  not  adequate  to  introduce  significant  error  with  respect  to  the  application 
of  the  equilibrium  data  to  the  plug  flow  reactor  model. 

The  accuracy  of  the  experimental  data  taken  from  the  rig  used  for  this  research 
was  at  least  partly  dependent  on  the  level  of  methanol  conversion  associated  with  the 
data.  The  balance  of  carbon,  oxygen,  and  hydrogen  atoms  into  and  out  of  the  reactor  as 
well  as  a comparison  of  input  energy  requirements  to  expected  values  indicated  an 
increase  in  experimental  uncertainty  with  a decrease  in  methanol  conversion  level. 

The  plug  flow  model  developed  was  an  effective  tool  in  the  analysis  of 
experimental  data.  The  model  could  be  used  in  a number  of  ways,  including  1 ) to 
calculate  a reaction  rate  constant  based  on  experimental  conversion  data,  or  2)  to  predict 
methanol  conversion  given  the  reaction  rate  constant.  For  the  contaminated  feedstock 
cases,  an  adjusted  reaction  rate  constant  was  determined,  which  allowed  for  solution  of  a 
contamination  correction  factor  that  accounted  for  contamination  of  the  catalyst. 

The  accuracy  of  experimental  measurements  was  adequate  to  distinguish  the 
degrading  effect  of  certain  contaminants  in  the  methanol  feedstock.  Two  of  the  three 
contaminants  selected  showed  a clear  change  in  the  reforming  capability  of  the  reactor 
over  the  duration  of  contaminated  feedstock  experimentation.  The  impact  of  the  accuracy 


of  the  measured  methanol  conversion  was  coupled  with  the  experimental  run  time,  as 
additional  run  time  allowed  trends  in  the  data  to  be  more  evident. 
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Experimental 

Mineral  oil  contaminant  is  not  acceptable  in  even  very  small  quantities  in 
methanol  feedstock  intended  for  use  in  low  temperature  (250°C-300°C)  fuel  reforming 
systems.  Mineral  oil  content  of  less  than  0.1%  by  weight  resulted  in  an  immediate  and 
significant  reduction  in  the  reforming  capability  of  the  test  rig  fuel  processor.  In  addition, 
the  detrimental  effect  of  the  mineral  oil  does  not  appear  to  be  reversible  using 
uncontaminated  methanol  at  typical  reforming  temperatures  and  reasonable  time  scales. 

For  similar  reasons  as  in  the  mineral  oil  case,  methanol  feedstock  contaminated 
with  kerosene  is  not  an  acceptable  fuel  for  low  temperature  fuel  reforming  systems. 
Although  the  rate  of  catalyst  degradation  was  considerably  less  than  with  the  mineral  oil 
contaminant,  a gradual  decrease  in  the  reaction  rate  was  observed  over  the  course  of 
kerosene  contaminated  feedstock  experimentation  (<  50  hours). 

Isooctane  contamination  in  the  feedstock  methanol  does  not  have  any  measurable 
effect  on  the  fuel  reforming  process  over  the  period  of  run  time  investigated  (~50  hours). 
Results  obtained  indicate  that  there  was  no  noticeable  difference  in  the  reaction  rate 
constant  over  the  course  of  experimentation  between  the  chemical  grade  and  isooctane 
contaminated  feedstock  case.  This  does  not  imply  that  additional  run  time  of  hundreds  of 
more  hours  would  not  result  in  some  discernible  degradation  of  the  catalyst.  In  addition, 
if  some  isooctane  was  passing  through  the  reformer  rig  unreacted,  the  introduction  of  the 
reformate  from  such  a system  to  a fuel  cell  could  result  in  serious  damage  to  fuel  cell 


stack  hardware. 
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The  deactivation  of  the  catalyst  was  caused  by  the  physical  deposition  (coating)  of 
the  contaminant  species  on  the  catalyst  pellets.  This  coating  process  effectively  plugged 
the  microporous  structure  of  the  catalyst,  drastically  reducing  its  effective  surface  area. 
This  phenomenon  was  presumably  due  to  the  incomplete  vaporization  of  the  contaminant 
species  at  the  reaction  temperatures  used. 

There  is  a clear  correlation  between  the  boiling  point  of  a species  and  the  potential 
of  that  species  to  contaminate  the  catalyst  by  the  mechanism  described  above.  Boiling 
point  data  for  each  of  the  contaminant  species  used  during  the  course  of  this  research 
corresponds  to  the  rate  of  catalyst  degradation;  1^')  mineral  oil,  2"'*)  kerosene,  and 
isooctane. 


Recommendations 

It  has  been  shown  that  the  experimental  rig  used  during  this  research  is  capable  of 
performing  parametric  studies  of  the  methanol  steam-reforming  process.  While  several 
methanol  feedstock  contaminants  have  been  evaluated,  there  is  a need  for  additional 
experimentation  using  an  expanded  set  of  independent  variables  in  order  to  determine 
what  types  (if  any)  of  contaminant  species  and  what  operating  conditions  would  be 
allowable  for  the  process  and  application  in  question.  The  following  list  suggests  some  of 
the  variables  that  should  be  considered  in  any  continuation  of  this  line  of  research: 

1 ) Different  types  of  catalyst. 

2)  Different  types  and  concentrations  of  contaminants. 

3)  The  length  of  experimentation  with  a particular  contaminant/catalyst  combination. 

4)  Different  operating  conditions  (e.g.  temperature,  flow  rate,  space  velocity). 


In  addition  to  an  expansion  of  the  experimental  variable  set,  there  are  several 
areas  of  the  experimental  rig  and  experimental  method  that  should  be  improved  upon; 
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1 ) A heat  transfer  model  should  be  developed  that  more  fully  accounts  for  heat  loss  to 
the  environment  as  well  as  heat  conduction  from  one  reaction  zone  to  another.  Such  a 
development  would  increase  the  accuracy  of  energy  input  distribution  data. 

2)  Due  to  the  exponential  effect  of  temperature  on  reaction  rate,  a more 
comprehensive  scheme  of  temperature  monitoring  and  control  should  be  developed. 
Additional  thermocouple  locations  as  well  as  a more  sophisticated  control  strategy 
would  reduce  the  magnitude  of  the  oscillations  in  reactor  temperature  about  the 
reforming  temperature  set-point  and  result  in  an  operating  condition  that  more  closely 
resembles  isothermal. 

3)  A new  temperature-averaging  scheme  should  be  developed  that  accounts  for  the 
exponential  effect  of  temperature  on  reaction  rate. 

4)  There  is  considerable  room  for  improvements  in  the  area  of  reformate  analysis, 
including  non-condensed  gas  analysis  as  well  as  condensate  collection  and  evaluation. 
An  in-line  gas  analysis  device  would  allow  for  real-time  reformate  analysis,  and 
eliminate  the  “batch”  analysis  problem  associated  with  using  a gas  chromatograph.  The 
condensing  unit  for  the  current  system  should  be  redesigned  to  allow  for  lower 
operating  temperatures  and  increased  cooling  capacity. 

5)  Due  to  the  necessity  of  using  a premixed  feedstock,  the  vaporizer  assembly  should 
be  redesigned  to  better  suit  the  needs  of  the  premix  configuration.  Changing  of  the 
system  from  two  separate  vaporizers  to  one  larger  vaporizer  with  increased  heating 
ability  would  allow  for  a wider  range  of  possible  operating  conditions. 
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